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NOMENCLATURE 
A = inner surface area of a heat transfer section, sq.ft. 
= constant, i=l,2,3 
C = heat capacity of the packet, BTU/{lb)(°F) 
c = constant 
Cp = heat capacity of the fluidizing gas, BTU/(lb)(°F) 
d = midpoint diameter, microns 
Dp = average particle diameter, microns 
Dy. = TT(Dp)/6(l-E), ft. 
f = frequency with which a particle diameter, d, occurred 
f« = fraction of time during which the surface is in contact with 
gas bubbles 
G = superficial gas mass velocity, lb./(hr.)(sq.ft.) 
= gas mass velocity of incipient fluidization, lb./(hr.)(sq.ft.)(°F) 
h = heat transfer coefficient, BTU/(hr.)(sq.i't.)(°F) 
HQ = null hypothesis 
= heat transfer coefficient, with gas bubble adjacent to the 
" surface, BTU/(hr.)(sq.ft.)(°F) 
Hj^ = alternate hypothesis 
k = thermal conductivity of gas, lb./(hr.)(ft.)(*F) 
= defined in equation [7] 
km = thermal conductivity of the packet, BTU/(hr.)(ft.)(°F) 
L = static bed depth, in. 
M = weight of the bed, lb. 
M' = molecular weight of the gas 
V 
N = stirring speed, rpm 
n = number of observations 
Q the quantity of heat transferred per unit time, BTU/hr. 
R = multiple correlation coefficient 
= thermal resistance of a packet of particles 
\ = contact thermal resistance (gas resistance) 
R' = universal gas constant 
S = stirring factor 
s = pooled estimate of standard deviation 
S 
C 
= cross sectional area of the column, sq.in. 
SL = local stirring factor 
TB = average bed temperature, "F 
Tw = average wall temperature of a heat transfer section, °F 
V = superficial gas velocity, ft./sec. 
"L 
= superficial gas velocity at which dimensionless pressure drop 
approached a constant value, ft./sec. 
u = weight of the bed, lb. 
X = distance from leading edge of a flat plate, ft. 
^0 
= distance from leading edge of a flat plate to the bead level, ft. 
= arithmetic mean, i=l,2 
y = thickness of laminar layer, ft. 
^0 = thickness of laminar layer at X=XQ, ft. 
+ y = average laminar layer thickness, ft. 
oc = defined in equation [11] 
oc' = constant 
I 
vi  
correction factor for flux 
constant 
defined in equation [12] 
constant 
pressure drop across the bed, Ib./sq.in. 
fraction voids 
mean distance of the particle from the wall, 
viscosity of gas, lb./(sec.)(ft.) 
population mean, i=l,2 
bulk particle density, Ib./cu.ft. 
density of packet, Ib./cu.ft. 
absolute particle density, Ib./cu.ft. 
standard deviation, i=l,2 
packet age 
angle of repose, degree 
frequency of occurrence of packets of age T 
vi  
ABSTRACT 
Heat transfer coefficients between fluidized beds of pure wheat 
flour or corn starch and the walls of the fluidization column were 
measured. These materials are highly cohesive and cannot be fluidized by 
the usual methods. The fluidization column was fitted with a flat blade 
stirrer, located just above the gas distributor plate, to aid the 
fluidization of these materials. The effects of gas velocity, stirrer 
speed and gas properties on the heat transfer coefficient were deter­
mined. Similar measurements were made on a mixture of pure flour and 
1 wt. % Cab-O-Sil for comparison. 
Experiments were carried out in a 6 in. diameter by 5 ft. high 
fluidization column. The column was composed of two 6 in. lengths of 
copper pipe placed between alternate sections of Plexiglas tubing. The 
copper sections were used for transferring heat to and from the fluidized 
bed. The superficial gas velocity ranged from 0.056 to 0.586 ft./sec. and 
the stirrer speed ranged from 0 to 100 rpm. Nitrogen, hydrogen, and carbon 
dioxide were used as the fluidizing gases. 
The results showed that, in the range of gas velocity used, the heat 
transfer coefficient, in general, increased with an increase in gas 
velocity. A change in stirrer speed did not seem to have a significant 
effect on the rate of heat transfer in a fluidized bed of flour or corn 
starch. The properties of the fluidizing gas appeared to have a marked 
effect on the heat transfer coefficient. The addition of a small amount 
of Cab-O-Sil (1 wt. %) to a bed of flour seemed to increase the fluidity 
vi  i 
of the material. This mixture fluidized without stirring. The heat 
transfer coefficients measured with this mixture were much higher than 
those measured with pure flour for identical conditions. In almost all 
the cases studied, the heat transfer coefficients measured with the lower 
transfer unit were higher than the coefficients determined with the upper 
transfer unit. Various empirical correlations which fit the data are 
presented. 
A theoretical model proposed by Levenspiel and Walton (34) was 
tested and found to fit the data well. The constants involved in this 
model had to be determined for each material separately. The theoretical 
model was modified by incorporating the angle of repose of the material. 
The modified equation fit all the data quite well. 
1 
INTRODUCTION 
Fluidization is a phenomenon in which solid particles are kept in 
a floating state by an upward flowing stream of gas or liquid. In 
"particulate" fluidization the individual particles may move freely. 
However, in "aggregative" fluidization particles may move as clusters. 
In highly agglomerative powders such as starch or flour it is doubtful 
that particles move individually. 
Fluidization provides a method for contacting solids and fluids 
which facilitates heat and mass transfer, and chemical reactions. 
Fluidized systems have been employed for some time; however, only within 
the last two decades has solid fluidization come to be used as a chemical 
processing tool. The prevalent application to date has been in catalytic 
cracking of petroleum. 
Fluidized systems have excellent heat transfer properties under 
the right conditions. Gross heat transfer rates in fluidized beds are 
much higher than those in empty tubes or fixed beds for the same gas 
flow rates. Due to the violent motion of particles, temperature gradients 
are practically absent in the bulk of the fluidized bed. The ability of 
fluidized systems to maintain constant temperature throughout the bed, 
even when there is absorption or evolution of large quantities 6f heat 
within the system, make them well suited for chemical processes in which 
temperature control is very critical. 
There are two main types of heat transfer that may occur in a 
fluidized bed (14, 22): 
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a. Heat transfer between fluid and solid 
particles in the fluidized bed 
b. Heat transfer between the containing 
wall or other immersed surfaces and the 
fluidized bed 
Numerous works have been devoted to the study of particle-to-fluid 
heat transfer and as a result a number of correlations have been pro­
posed for determining the heat transfer coefficient. A comparison of 
these correlation equations is quite difficult due to the differences 
in their structure and the varied definitions of temperature difference 
and heat transfer surface area. One of the major problems encountered 
by various investigators seems to be that of defining a proper temp­
erature difference between a particle and the fluid surrounding it. 
Barker (3) gives an excellent review of the significant literature con­
cerned with particle-to-fluid heat transfer. Other extensive reviews 
are those of Zabrodsky (49), Othmer (42), Leva (31), and Kunii and 
Levenspiel (30). 
In the past decade the problem of heat transmission between a 
transfer surface and a fluidized bed has received a great deal of atten­
tion due to the importance of heat transfer in the design of fluidized 
bed reactors. Empirical and theoretical equations proposed for predict­
ing the heat transfer coefficient between a fluidized system and the 
heating or cooling surface are numerous. Many of these equations are 
similar but no two are identical. As yet, no general equation to predict 
the heat transfer coefficient has been developed. The many variables 
influencing the heat transfer coefficient cause the development of such 
3 
an equation to be very difficult. Each of the proposed theoretical 
models or empirical equations give satisfactory results for a specific 
set of conditions. 
An examination of the literature on fluidization will reveal that 
in practically all cases free-flowing materials have been used. These 
materials generally have a particle diameter larger than 60 microns and 
are easily fluidized. On the other hand, fine particles (with an average 
diameter less than 60 microns) are usually quite difficult to fluidize. 
The difficulty is due to the interparticle forces which are believed to 
be greater than the forces exerted on the particles by the fluidizing 
gas (43). The action of interparticle forces causes agglomeration of 
particles, and bridging between such agglomerates. This promotes channel 
formation and poor fluidization results. 
Baerns (2) investigated the feasibility of gaseous fluidization of 
particles less than 50 microns in diameter. He found that for fluidiza­
tion the ratio of the weight of a particle to the sum of its weight and 
adhesive force should be greater than 0.001. 
Wheat flour and corn starch in the pure state are quite difficult 
to fluidize. The average particle diameter of wheat flour is in the 
range of 35 to 40 microns (24) and that of corn starch ranges between 
2 and 24 microns (11). These materials are highly agglomerative and do 
not flow freely. It was shown in a previous investigation (23) that 
pure flour can be fluidized by the addition of small amounts of anti-
agglomerants. However, in most cases additives are not desirable. In 
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a more recent study (11) the feasibility of fluidizing pure flour and 
other fine materials in a mechanically agitated bed was established. 
Heat transfer studies in fluidized beds of fine particles have 
been almost totally ignored. Nevertheless, fluidization of fine materials 
is becoming of interest in a number of chemical processes. Thus a knowl­
edge of the heat transfer properties of these materials is quite 
essential. 
The purpose of this investigation was primarily to measure the 
heat transfer coefficients between the container wall and fluidized 
beds of flour and starch. As pointed out earlier these materials are 
highly cohesive and are not easily fluidized by the usual methods. A 
mechanical stirrer was used to aid the fluidization of these materials. 
Experiments were carried out in a 6 in. diameter, 5 ft. high, 
fluidization column fitted with a flat blade stirrer located about 
1/4 in. above the gas distributor plate. The fluidization column was 
composed of tv.j 6 in. sections of copper pipe placed between alternate 
sections of Plexiglas tubing. The copper sections were used for trans­
ferring heat to and from the fluidized bed. 
An experimental method was developed for measuring the rate of heat 
transfer between the fluidized bed and the walls of the containing 
vessel. Heat was supplied to the fluidized bed through one of the two 
transfer sections and removed through the other section. The tempera­
tures at various locations in the system were continuously recorded until 
a steady state was reached. Then a simple heat balance around the 
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column was made and the heat transfer coefficient for each section was 
calculated from the following equation: 
h = Q 
The experimental method was tested by determining the heat transfer 
coefficients for a fluidized bed of glass beads. The results obtained 
were in close agreement with values reported in the literature for 
glass beads. 
Once the adequacy of the experimental method had been proven, 
experiments were carried out with Argo corn starch, pure white winter 
wheat flour, and a mixture of pure white winter wheat flour and Cab-O-Sil 
(1%). Heat transfer measurements were made using stirring speed, super­
ficial gas velocity, and gas properties as parameters. The effects of 
these parameters on the heat transfer coefficients for each material 
were determined. During these tests either gas velocity or stirring 
speed was held constant while other parameters were varied. 
For all the heat transfer studies made in this work the superficial 
gas velocity ranged from 0.056 to 0.586 ft./sec. and the stirring speed 
ranged from 0 to 100 rpm. Nitrogen, hydrogen, and carbon dioxide were 
used as fluidizing gases. All the experiments were carried out in the 
same column which was operated essentially at room temperature and 
pressure. A theoretical model proposed by Levenspiel and Walton (34) 
was tested. Various empirical correlations which fit the data were 
found. 
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REVIEW OF PREVIOUS WORK 
Most of the early works on heat transfer in fluidized systems have 
been reviewed by Othmer (42), Leva (31), and others (3, 49, 30). The 
present review is primarily concerned with the more recent publications 
on heat transfer between a gas fluidized bed and a surface. 
Previous attempts to investigate heat transfer in a fluidized bed 
generally involved the measurement of the operating parameters. As early 
as 1949 Mickley and Trilling (39) studied the effect of rapidly moving 
solids on the heat transfer conditions in fluidized beds. The apparatus 
used consisted of vertical fluidization columns, 1 to 4 in. in diameter 
and 4 to 8 ft. high. Heat was supplied to the fluidized beds either 
through the walls of the confining tubes or through the walls of 
cylindrical heating elements which were inserted axially in the beds. 
Glass spheres, ranging in diameter from 0.002 to 0.2 in., were suspended 
in an upward flowing stream of air at superficial velocities varying be­
tween 0.8 and 15 ft. per sec. In this experimental work the influence 
of the following variables were studied: diameter of the beads, D^; 
solid concentration, superficial mass velocity of the air, G; and 
type of equipment. Mickley and Trilling (39) correlated their data with 
the heat transfer coefficient, h. The empirical correlation for an 
externally heated fluidized bed was given by 
h = 0.0118 PmG 
_ P _J 
7 
and for an internally heated fluidized bed by 
0.233 
h = 0.0433 
2 
pm 
A fundamental difference exists between the two correlations. In the 
externally heated system, the gas velocity exerts a definite effect on 
the heat transfer coefficient. However, in the internally heated system, 
the gas velocity does not exert any effect independent of the solid 
concentration. The earlier correlations, as in the above case, do not 
include all the pertinent parameters influencing heat transfer in 
fluidized beds. 
Leva (31) developed a somewhat general empirical equation, based 
on data from five sources, to predict the heat transfer coefficient in 
fluidized systems. The equation relates three groups: A Nusselt number, 
a modified Reynolds number, and a group which accounts for the effect of 
particle properties on heat transfer. Although the equation is limited 
in application it shows some improvement over the earlier correlations. 
The concept of a limiting film resistance has been used by numerous 
investigators in the analysis of heat transfer in fluidized systems. 
Mickley and Trilling (39) noted that the temperature gradient is localized 
to a thin layer near the wall of the heated surface. By analogy with 
the mechanism of heat exchange between a gas and a transfer surface, they 
deduced the existence of a gas film between the wall and the fluidized 
bed. They postulated that heat flows through this layer by means of 
conduction and possibly by convection due to the disturbing influence 
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of the solid particles. Furthermore, they assumed that the major 
resistance to heat flow was due to this layer. To explain the large 
values of the heat transfer coefficients obtained, it was suggested 
that the fluidized particles erode away some of the stagnant gas film 
at the heat transfer surface; thereby, reducing the resistance to the 
flow of heat. This film resistance model was supported by others 
(15, 20. 33, 34). 
The nature of the resistance controlling the transfer of heat 
between a fluidized bed and heating surfaces was further explored by 
Mickley and Fairbanks (37). On the basis of an earlier investigation 
by Bauer (5), they created a picture of fluidization in which small 
groups of particles called "packets" move, as individual units, through 
the fluidized bed. They assumed these packets to have the void fraction, 
density, and heat capacity and thermal conductivity of the quiescent bed 
and to be homogeneous with respect to these properties. Heat was 
assumed to be transferred to these packets via diffusion as a function 
of contact time. Mathematical analysis of the above picture gave the 
following equation for predicting the heat transfer coefficient, h. 
where 2 
IT .  If» (T ) dT Sl= _L 
TT 
= thermal conductivity of the packet 
= density of the packet 
C = heat capacity of the packet 
S = stirring factor 
S|^= local stirring factor 
T = packet age 
i|j( T)= frequency of occurrence of packets of age x. 
The proposed model was tested by obtaining heat transfer data on 
two solid constituents with several different fluidizing gases. The 
experimental results verified the dependence of the heat transfer co­
efficient upon the thermal conductivity, density, and heat capacity of 
the packet, but not upon the stirring factor. The latter was not 
explored. 
Mickley jet^l^. (38) examined the dependence of the stirring factor, 
S, upon the parameters controlling bed dynamics by obtaining values for 
The values for if(t) were calculated from instantaneous measure­
ments of the heat transfer coefficient. A low thermal capacity electri­
cal heater of cylindrical shape was mounted coaxially in the fluidized 
bed. Using a high speed temperature recorded the instantaneous temper­
ature difference between the heater and the fluidized bed was recorded. 
The temperature records showed certain irregular time-temperature 
patterns which caused rapid fluctuations of the heat transfer coefficient. 
The following three patterns were recognized: 
10 
a. An increase in the temperature of the heater which was assumed 
to be characteristic of periods in which the rate of heat flow from the 
heater to the fluidized bed was low. They interpreted this period as 
a time interval in which the heater was in contact with the dispersed 
phase, and the heat transfer to the bed took place between the heater 
and a gas phase free of solid. 
b. An abrupt decrease in the heater temperature. This pattern 
was associated with the increase in the heat transfer coefficient 
between the heater and the fluidized bed. Such a pattern was interpreted 
as resulting from the sudden appearance of a fresh packet at the heater 
surface. 
c. Discontinuity in the time derivative of temperature, namely, 
the period in which dT/dt passed through zero. This pattern was assoc­
iated with a zero heat transfer coefficient and interpreted as being 
caused by a complete packet replacement. 
After the frequency of occurrence of each pattern was established 
the values for ijiCx) were determined. On the basis of j:he above experi­
mental observations Mickley_et^. (38) showed that the heat transfer 
coefficient is dependent on the square root of the stirring factor. 
Thus they concluded that the functional relationship of the heat transfer 
coefficient to the other bed properties is adequately expressed by 
" = (w 
Drinkenburg, (21) studied the instantaneous rate of heat 
transfer in a fluidized bed in which the heating element was placed near 
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the wall. They observed that the minimum heat transfer coefficient 
constitutes the major part of the total heat transfer coefficient. 
Convinced that in a fluidized bed bubbles rise in the bed core carrying 
solids to the top of the bed and that solids move downward along the 
wall, they attributed the minimum value of the heat transfer coefficient 
(near zero), found by Mickley (38), to the fact that the latter's 
heating element was placed in the bubble region. Thus as a bubble passed 
the heating element, the heat flux decreased rapidly, due to the very 
low heat capacity of the gas. The authors modified the model presented 
by Mickley and Fairbanks (37) by incorporating "stick-and-slip" flow 
along the wall. Using instantaneous measurements of pressure, the rate 
of heat transfer, and shear stress, Drinkenburg (21) were able 
to demonstrate behavioral periodicity of pressure, temperature, and 
shearing force. From this they predicted a residence time which could 
be used directly in the equation developed from the modified model. 
Another modification of the packet model presented by Mickley and 
Fairbanks (37) was proposed by Baskakov (4). This involved the addition 
of a local gas resistance layer at the heat transfer surface, thereby 
allowing for greater voidage at this point. Baskakov (4) assumed that 
the thickness of this thermal resistance layer was approximately equal 
to the particle radius. He further assumed that the resistance of this 
layer was approximately equal to the temperature difference between the 
wall and adjacent particles, divided by the value of the specific heat 
flux between them. The mathematical analysis of this modified model 
resulted in the following equation by which the heat transfer coefficient. 
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between the surface and the fluidized bed, can be calculated: 
h = h„f + i-R 
0 0 —2 — 
c - In nA 
•)] 
where h = heat transfer coefficient 
h = heat transfer coefficient, with a gas bubble 
adjacent to the surface 
f = fraction of time during which the surface is in 
contact with gas bubbles 
R|^ = contact thermal resistance (gas resistance) 
e = correction factor for flux 
Rg = thermal resistance of a packet of particles 
Patel (44) proposed two surface-renewal models (I and II) to des­
cribe the mechanism of heat transfer between walls and fluidized beds. 
Essentially these models are modified versions of the "packet" model (37) 
discussed earlier. Model I considers the transient heat transfer to a 
packet of particles at the wall. The packet was assumed to have the 
properties of the quiescent bed. According to this model,.a packet, 
initially at bulk bed temperature, arrives at the wall and receives heat 
from the wall by convection and then returns to the bed after a length of 
• f 
time. The heat flows from the wall to the packet across a "contact 
resistance". Furthermore, it was assumed that for the time that the 
particle resides at the wall, heat penetrates a characteristic distance 
beyond which the temperature is constant at the bulk bed temperature. 
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Model II considers the transient heating of a spherical particle. 
The particle was assumed to gain heat by convection from the surrounding 
fluid and lose heat to a packet of particles situated between the wall 
particle and the bulk of the bed. Other assumptions were the same as 
those for model I. 
To test the above two models Patel (44) obtained heat transfer 
coefficients for glass beads in an apparatus which was designed to 
measure heat transfer coefficients and particle residence times at the 
identical wall surface under the same conditions. He obtained predic­
tions from both models within an average 30% of his experimental data. 
Botterill (10) proposed a conduction model based on the 
behavior of a single particle in contact with a heat transfer wall. The 
model consisted of a single glass bead 200 microns in diameter, immersed 
in fluid at the same temperature, and in contact with the heat exchange 
surface. It was assumed that the temperature gradient between the heat 
transfer surface and the particle adjacent to it derived heat through 
the vicinity of the surface-particle contact. By a stepwise method the 
particle's temperature distributions and rate of heat exchange were 
calculated for various intervals after impact with the heat transfer 
surface. Botterill (10) compared the heat transfer coefficients 
predicted by this single particle model with those obtained experi­
mentally in a stirred bed in which the residence times were easily esti­
mated. They observed close agreement between the experimental arid 
predicted values. l 
14 
The results of the investigation of Botterill _et^. (10) indicated 
that the residence time of the particles at the heating surface was a 
major factor influencing the heat transfer in a fluidized system. 
Recently, the effect of particle residence time at the wall on 
the heat transfer coefficient was further explored by Botterill (9). 
Experimental results obtained in a stirred fluidized bed confirmed the 
existence of a direct relationship between the heat transfer coefficient 
and the particles' residence time at the heating surface. 
Couderc jet (17) studied the variation of the heat transfer 
coefficient, between an agitated fluidized bed and the wall of the 
confining vessel, as a function of the air flow rate. Hot air was 
passed through a cylindrical column containing the bed. Heat was re­
moved by water circulating in an external jacket. For low stirring 
speeds they observed an increase in the heat transfer coefficient as the 
air flow rate was increased. However, for high agitator speeds the 
converse was the case. The consideration of the residence time of the 
particles at the wall, x.-was not sufficient to account for all their 
results. Hence, they introduced a second parameter, the mean distance 
of a particle from the wall, X. Simultaneous consideration of the mean 
distance of a particle from the wall and the residence time of the 
particles at the wall produced the following qualitative explanation for 
their experimental results. As the state of turbulence in the bed 
increases, the residence time, T, decreases. This causes an increase in 
the heat transfer coefficient. At the same time, the mean distance of a 
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particle from the wall,X, increases resulting in a decrease in the 
heat transfer coefficient. 
Later the influence of the mean distance of a particle from the 
wall, X, was shown quantitatively by Couderc et al^. (18). They modi­
fied the conduction model proposed by Botterill e;b al^. (10) by incor­
porating the mean distance of the particle from the wall, X. On the 
basis of the modified model, values for the heat transfer coefficient, 
as a function of the residence time of the particles at the wall and the 
mean distance of a particle from the wall, were calculated. Comparison 
of these calculated values with those obtained from experimental obser­
vations (17) showed some inconsistencies. Disagreements between the 
experimental and calculated values were quite pronounced at low and high 
agitation speeds. Thus, they concluded that their proposed model for 
heat exchange in a fluidized bed was not satisfactory. 
Further experimental work was undertaken by Couderc (19). 
Using the same apparatus which was used in previous studies (17) they 
investigated variations in the heat transfer coefficient for numerous 
combinations of stirrer speed and air flow rate. On the basis of experi­
mental observations, the residence time, t, and the degree of voids, e, 
were considered to be the controlling factors in heat exchange in stirred 
fluidized systems. They hypothesized that at low agitation speeds the 
residence time of the particles at the wall is a function of the air 
flow rate and thus the heat transfer coefficient increases with increas­
ing air velocity (T diminishes). On the contrary, at high agitator 
speeds the residence time of the particles at the wall is almost entirely 
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fixed by the mechanical agitation and thus varies very little with the 
air flow rate. Therefore, an increase in the flow rate causes the 
degree of voids, e, to increase which results in a decrease in the heat 
transfer coefficient. On this basis their experimental results compared 
favorably with those calculated from the mathematical model developed 
earlier (18), 
The heat transfer model proposed by Couderc _et_^. (18) was 
recently tested by Williams and Smith (48). Their apparatus consisted 
of a column 6 In. in diameter and 40 in. high fitted with a blade type 
stirrer originally designed by Leva (32) for mixing solids in fluidized 
beds. The solids were spherical glass beads ranging in diameter from 
30 to 120 microns. Compressed air was used as the fluidizing gas. 
Experimental data obtained with 80 microns and 120 microns beads were 
in agreement with those predicted by the model (18). On the basis of 
their experimental observations the following conclusions were made: 
a) stirring the bed core increases the heat transfer coefficient, b) when 
the bed core is well stirred an increase in the gas flow rate has no 
effect on the heat transfer coefficient when the ratio of the gas mass 
velocity to the gas mass velocity at minimum fluidization is greater 
than 1.5. 
More recently Brusenback and Braze!ton (13) presented a four-
particle conduction model. Physically, the model was described as a 
string of four spherical glass beads in contact with each other, and 
at one end, with the wall of the heater. It was assumed that heat is 
transferred by conduction, through an intervening air space of conical 
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shape, from either a) the heat transfer wall to a contacting particle 
or b) between two contacting particles. The quantity of heat transferred 
to any particle was assumed to be a function of its residence time at 
the wall. The residence time was predicted by using the particle 
velocity and the length of the heater. Furthermore, it was assumed that 
the air layer is all resistance, no capacitance, and involves no 
accumulation of heat; whereas, the particle is all capacitance, no 
resistance, and has no temperature gradients. Mathematically, the 
model was characterized by a system of simultaneous, nonlinear differ­
ential equations describing heat flow through the gas and heat accumula­
tion within the particles. To obtain information on local particle 
motion, high speed motion pictures were taken of the fluidized particles 
moving against a simulated internal heater. By combining this informa­
tion with the models' solution, values for the heat transfer coefficient 
were calculated which agreed closely with those obtained experimentally. 
The results demonstrated the adequacy of the four-particle conduction 
model. Furthermore, the dependence of the heat transfer coefficient on 
fluid thermal conductivity and on the heat capacity, geometry, and the 
residence time of the particles at the wall was shown. 
Gamson (25) and Chu (16) correlated heat transfer data with momentum 
transfer data for fluidized systems. In both cases the correlations are 
valid only for a specific set of conditions and thus have a limited 
application. 
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Recently Bhat and Weingaertner (7) reexamined the existence of an 
analogy between heat and momentum transfer in gas fluidized beds. They 
investigated the heat transfer characteristics of fluidized hematite-
air and pyrites-air systems. Correlation of their results based on the 
heat transfer factor, and the modified Reynolds number indicated 
that the heat transfer factor tends to increase as the modified Reynolds 
number increases. This was contrary to the observations Bhat and 
Weingaertner (6) made earlier, in which the modified friction factor 
decreased with increases in the modified Reynolds number. Thus it was 
concluded that no direct relationship exists between the two phenomena 
in fluidized systems. 
Ainshtein and Gel'perin (1) compared the correlations of various 
authors on heat transfer between a fluidized bed and a heating surface. 
They observed tremendous scattering of the experimental data and noted 
that usage of the Reynolds number and Nusselt number, coming from 
classical problems of hydrodynamics and heat transfer, generally re­
flected the absence of an acceptable model for heat transfer in fluidized 
systems. 
Baerns (2) investigated the effect of interparticle adhesive forces 
on the heat transfer coefficient in fluidized systems. Data were ob­
tained with an internally heated column for four different materials 
having an average particle diameter less than 50 microns. It was 
observed that when the adhesive force of a particle, F^, is small in 
comparison to the weight of the particle, the solid particles move 
freely in the bed and as a result high heat transfer coefficients were 
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obtained. However, when the adhesive force of a particle, F^, is large 
in comparison to the weight of the particle, agglomeration of the 
particles increases which promotes the formation of gas channels. Gas 
passes through these channels without fluidizing the fine particles and 
consequently low heat transfer coefficients were observed. 
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EXPERIMENTAL INVESTIGATION 
Apparatus 
Figure 1 is a photograph of the principal parts of the equipment 
used in this investigation. In general, the apparatus consisted of a 
6 in. diameter fluidization column, two constant temperature baths, two 
refrigeration units, a gas humidifier and necessary instrumentation for 
measuring temperatures and flow rates. 
Gas systems 
A schematic drawing of the gas flow system is shown in Figure 2. 
The fluidizing gas (carbon dioxide, hydrogen, or nitrogen) was 
passed through a pressure regulator and then humidified. Humidification 
was necessary to maintain the moisture level of the fluidized solids 
constant and also to help reduce the build up of static charges on the 
particles. 
The gas humidifier consisted of two Pyrex glass bottles connected 
to each other by means of a glass ball and socket joint. These bottles 
were immersed in a constant temperature bath. One bottle contained water 
and the second one was used as a trap. 
The gas was bubbled through the water in the first bottle and then 
passed through a 40 ft. length of 1/4 in. diameter copper tubing rolled 
into a coil. In order to bring the temperature of the fluidizing gas 
close to the room temperature, an electric fan was used to blow air 
across the copper coil. From the coil the gas was passed through a 
second pressure regulator and then through an accurate rotameter and 
control valve and then was distributed into the column through a porous 
Figure 1. Photograph of the principal parts of the equipment 
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Figure 2 .  Schematic drawing of the gas flow system 
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plate (to be described later). A pressure gauge measured the inlet 
pressure at the rotameter. The exiting gas from the column was passed 
through a cartridge filter, type MCSIOOIEC, made by Pall Trinity Micro 
Company, Cortland, New York. Then the gas was discharged to the outside 
atmosphere. 
The relative humidity of the fluidizing gas was measured by a dew-
point indicator, model DP1-86A, manufactured by Weighing and Control 
Components, Inc., Hatboro, Pennsylvania. Each time this measurement 
was desired, a small gas sample was directed through a low range rota­
meter into the dew-point indicator (Figure 2). 
Earlier in this investigation air was used as the fluidizing gas. 
The alternate gas feeding system is also shown in Figure 2. In this 
case compressed air drawn from the laboratory main was passed through a 
cartridge filter, type MCC1101UV12, manufactured by the Pall Trinity 
Micro Company, Cortland, New York. Then the air was passed through two 
pressure regulators before entering the rotameter. 
Water circulation system 
Heat transfer to and from the fluidization column was accomplished 
by circulating water through copper coils wound around each of the two 
transfer sections (to be described later). Figure 3 is a schematic 
drawing of the water circulation system. 
Two Sargent constant temperature baths provided heating and cooling 
water for the two heat transfer sections. Each bath consisted of a Pyrex 
brand glass container, a self-supporting central heating and circulating 
unit, and a cooling coil. The temperature in each bath was adjustable 
Figure 3. Schematic drawing of the water circulation system 
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from a minimum of a few degrees above the cooling coil temperature to a 
maximum of 60°C. 
The constant temperature baths were operated one above and one below 
room temperature. Two refrigeration units (not shown in Figure 3) 
provided cooling fluid for the constant temperature bath operating 
below room temperature. These units were "Refrigerated Visibility" baths 
manufactured by Wilkens-Anderson Company, Chicago, Illinois. These 
refrigeration units had a temperature range of -10°C to +65°C. Two 
refrigeration units were used because one unit did not provide the amount 
of cooling required. 
Water from each constant temperature bath was supplied to the 
appropriate heat transfer section by means of a centrifugal pump. The 
flow rate of water, from each transfer section, was measured by one of 
the two calibrated rotameters placed in the return line. 
Fluidization column 
The column was 6 in. in diameter and approximately 5 ft. high. It 
was composed of two sections of copper pipe placed between alternate 
sections of Plexiglas pipe. All sections were fitted with Plexiglas 
flanges and held together by 1/4 in. bolts. Care was taken to provide 
smooth inner junctures between these sections. The details of the fluid­
ization column are shown in Figure 4. 
The column was fitted with a flat blade agitator driven by a 
"Servo-Dyne" system supplied by Cole-Parmer Instrument Company, Chicago, 
Illinois. This agitator was geometrically similar to that used by 
Kozulin and Kulyamin (28) and by Brekken (11). It essentially was 
Figure 4. Details of the fluidization column 
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composed of a small flat blade mounted on the end of a 5/16 in. diameter 
stainless steel rod. The blade was positioned about 1/4 in. above the 
gas distributor plate. The details of the agitator blade are shown in 
Figure 5(b). 
At the top of the column the agitator shaft passed through a 1/2 in. 
thick aluminum plate into a bearing housing mounted on this plate. The 
bearing housing contained four bearings, which partially supported the 
weight of the shaft and also prevented it from wobbling. The agitator 
shaft was coupled to the motor shaft by means of a flexible joint. A 
mercury seal was placed inside the column, just below the aluminum plate. 
This seal prevented the fluidizing gas from escaping around the agitator 
shaft. Details of the mercury seal and the drive shaft assembly are 
shown in Figure 5(a). 
The gas distributor plate was a 6 1/2 in. diameter 1 in. thick 
porous alundum disc, mixture P2120 made by the Norton Company, Worcester, 
Massachusetts. The disc had an average pore diameter of 60 microns. 
Figure 5(c) shows the details of the gas distributor assembly. 
A different gas distributor plate was used during the early part of 
this investigation. This was a "Therma-Comb" brand corrugated ceramic 
disc manufactured by the American Lava Corporation, Chattanooga, 
Tennessee. This distributor plate had the same dimensions as the one 
described above; however, it had a much larger average pore diameter 
and because of this its top surface was covered with a piece of canvas. 
This gas distributor plate was replaced because the. pressure drop across 
it was very small which is believed to result in poor fluidization (26). 
Figure 5. Details of drive shaft, agitator blade, and gas distributor 
assembly 
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Seven static-pressure taps were located at various points along the 
column (see Figure 2) to measure the pressure drop across the bed, across 
each heat transfer section, and across the gas distributor plate. Pieces 
of 270-mesh screen placed in the taps prevented the fluidized particles 
from entering the pressure lines. 
Two bare thermocouples were placed inside the column, one below the 
gas distributor plate and one near the top of the column. These were 
used to measure the temperature of the inlet gas to the column and the 
exiting gas, respectively. The bed temperature was measured at two lo­
cations by bare thermocouples positioned below and above the lower heat 
transfer unit (see Figure 3). 
The Plexiglas pipe above the upper heat transfer unit was insulated 
by foamed glass insulation. The height of the fluidized beds was 
measured through a narrow window which extended along the length of the 
above insulation. The other Plexiglas sections were left uninsulated 
during some parts of the investigation for visual observation of the 
bed. 
Heat transfer units 
Two copper pipe sections of the fluidization column were used for 
transferring heat to and from the fluidized bed. Each unit was 6 in. 
high and the two units were separated by a 6 in. section of Plexiglas 
pipe (Figure 4). Each copper pipe section had an inside diameter of 
6 in. and a wall thickness of 1/2 in. 
A pair of 1/4 in. O.D. copper tubes were wound around each of the 
two lengths of copper pipe. These tubes were soldered to the outer 
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surface of the copper pipes. Water could circulate through these tubes 
either to cool or to heat the copper pipes. Means were provided for 
water, coming from each constant temperature bath, to be divided into 
two equal portions and each portion entered one of the two tubes. In 
one tube the water circulated upward and in the other water circulated 
downward. This provided a uniform temperature along the inner wall of 
each copper section. The temperature difference between water entering 
and leaving each section was determined with a sensitive thermopile. 
The detailed construction of a heat transfer unit is shown in Figure 6. 
Each of the two copper sections was placed between two Plexiglas 
flanges and the assembly was held together by six 10 in. bolts. In 
order to prevent longitudinal heat transfer between the copper pipes and 
the flanges, neoprene gaskets were placed between the contacting surfaces. 
Here again care was taken to provide smooth inner junctures. 
The temperature of the inner surface of each heat transfer section 
was measured by three thermocouples positioned 0.01 in. from the inner 
wall of the copper pipe. These thermocouples were held in place by 
Epoxy glue. Each heat transfer section was insulated by foamed glass 
insulation. ' 
Figure 7 shows the details of a heat transfer section. 
Measuring devices 
A carbon tetrachloride filled manometer, which was connected to a 
pressure manifold, was used to measure the pressure drop across various 
sections of the bed. The pressure drop across the filter, placed in the 
gas exit line, was measured by a water filled manometer. 
Figure 6. Heat transfer unit construction diagram 
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All the temperature measurements were made with 24 gauge copper-
constantan thermocouples. Temperatures were recorded on a 24-point 
recording potentiometer manufactured by Honeywell, Inc., Philadelphia, 
Pennsylvania. Arrangements were made to use a "volt potentiometer" 
(model 8687 made by Leeds and Northrup, Philadelphia, Pennsylvania) in 
conjunction with the recording potentiometer. The volt potentiometer 
provided a check on the readings of the recording potentiometer. Ice 
water was used as the cold junction. 
Gas and liquid flow rates were measured by precision flow meters 
as mentioned earlier. The methods by which these flow meters were 
calibrated are described later. 
Fluidized Systems 
Fluidizing media 
The fluidizing media used in this investigation were compressed air, 
carbon dioxide, hydrogen, and nitrogen. Compressed air was drawn from 
the laboratory main and was filtered prior to usage. Carbon dioxide, 
hydrogen and nitrogen were research grade gases (purity of 99.95%). 
Table 1 shows some of the properties of the four fluidizing gases. 
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Table 1. Properties of the fluidizing gases 
k (at 32°F) 
Gas BTU/ft.hr°F 
Ref.(40) 
p,(at 1 atm, 
32°F) _ 
lb/ft.j 
Ref. (41) 
u(at32°F) 
centipoise 
Ref. (42) 
C (at 32°F) 
PBTU/lb.°F 
Ref. (43) 
% 
Rel. 
Humidi­
ty 
Air 0.0140 0.0808 0.0170 0.25 -
COg 0.0084 0.1235 0.0135 0.21 22 
Hg 0.0966 0.0056 0.0084 3.50 27 
Ng 0.0139 0.0782 0.0168 0.25 28 
Fluidized particles 
The solid particles used in this work were glass beads, wheat flour. 
corn starch, and a mixture of flour and 1% Cab-O-Sil. Table 2 lists some 
of their relevant properties. 
Table 2. Properties of fluidized particles 
% 
Material microns 
P 
s 
lb/eu.ft. 
P 
M 
Ib/cu. ft. 
<j) Ave. Ave. 
degree moisture moisture 
content content 
{ % f  %  
Glass beads* 100 156.0 93.6 31.7 0.26 -
Flour 16 91.4 33.1 65.9 10.5 12 
Corn Starch 9 96.0 41.8 90.0 10.4 11 
Flour and 1% ^ 
Cab-O-Sil 16° 91.4b 32.9 57.6 10.7 10 
^Information provided by the manufacturer 
^Properties of pure flour used 
^Average moisture content when angle of repose was measured 
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The glass beads were "Superbrite" brand made by Minnesota Mining 
and Manufacturing Company. These particles were roughly spherical. 
A photomicrograph, taken after experimentation, showed no fracture among 
the glass bead particles due to fluidization (Figure 8, bottom). 
The flour was a straight grade unbleached and untreated flour milled 
from Michigan soft white winter wheat. The flour particle size ranged 
from 1 to 28 microns. This material was obtained from the King Milling 
Company, Lowell, Michigan. 
The corn starch used in this investigation was pure Argo corn starch 
made by Corn Products Company, New York, New York. Starch particle size 
ranged from 3 to 18 microns. 
The mixture of flour and 1 wt. % Cab-O-Sil was prepared by adding 
an appropriate amount of Cab-O-Sil to a weighed quantity of flour (the 
same type as mentioned above) and mixing them thoroughly by hand. 
Cab-O-Sil is a white powdery material with an ultimate particle size 
of 0.015 microns (23), which is produced by reacting silicon tetra­
chloride vapor with water vapor at high temperature. The Cab-O-Sil was 
obtained from the Cabot Corporation, Boston, Massachusetts. 
Figures 8 and 9 are photomicrographs of the particles used. Corn 
starch particles seem to have irregular shapes (Figure 8, top). As 
mentioned earlier the glass bead particles are roughly spherical 
(Figure 8, bottom). As shown in Figure 9 (top) flour particles are 
more spherical than starch particles. Figure 9 (bottom) shows the flour 
mixture containing 1% Cab-O-Sil. It appears that the finely divided 
Figure 8. Photomicrographs of pure corn starch (top) and glass beads 
(bottom) 
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Figure 9. Photomicrographs of pure flour (top) and a mixture of 
flour and Cab-O-Sil (bottom) 
32 mie 
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silica has a tendency to coat the flour particles which causes the flour 
to become more free flowing. 
Procedures 
Calibration of measuring devices 
The gas flowmeter was calibrated with all four fluidizing gases 
using a dry gas meter manufactured by the American Meter Company, Erie, 
Pennsylvania. For nitrogen, hydrogen and carbon dioxide the calibration 
was done after these gases were humidified. A pressure gauge measured 
the inlet pressure at the flowmeter. For air this pressure was main­
tained at 8 psig and for the other gases it was maintained at 5 psig. 
An in-line thermometer measured the temperature of the gases entering 
the flowmeter. This temperature for all gases was approximately the same 
as the room temperature. 
All four water flowmeters were calibrated at 18°C and 30°C by meas­
uring the quantity of water collected from the flowmeter outlet in a 
known period of time. 
The agitator was calibrated by marking the shaft at one location 
and counting the number of revolutions per unit time for a specific dial 
reading on the control unit. This method of calibration was suitable 
for agitator speeds below 100 rpm. It was found that for agitator 
speeds above 50 r|xn the calibration chart, provided by the manufacturer, 
gave readings similar to those found by the above procedure. 
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The recording potentiometer was calibrated by short circuiting 
channel number one and adjusting the output of this channel to be zero 
on the recorder chart (Figure 11). 
Gas humidification 
The constant temperature bath of the humidification system was set 
at 54°F. 
The fluidizing gas was passed through the cylinder regulator and 
then its pressure was reduced to a value between 10 to 15 psig, depending 
on the gas flow rate. Next the gas at a fixed flow rate was directed 
through the humidifier. After humidification a sample of the gas was 
passed to the dew point indicator (discussed earlier). Then the dew 
point temperature and the stream temperature of the gas were recorded. 
Dew point temperature was read from the instrument's temperature 
indicator and the stream temperature was measured by an in-line ther­
mometer placed close to the gas inlet to the dew point indicator. The 
percent relative humidity of the gas was calculated from the following 
relati on : 
% relative humidity = 
vapor press, of water at dew point temp 
.vapor pressure of water at stream temp. 
X 100 
For gas velocity ranges used in this investigation the change in the gas 
flow rate, through the humidifier, did not seem to effect the relative 
humidity of the gas. 
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FTuidized bed conditioning 
The bulk density of the material under investigation was determined. 
Then using the information on bed expansion obtained in a previous 
investigation (11), a static bed height was selected such that at the 
lowest gas velocity used, the bed would extent approximately 2 in. above 
the upper heat transfer unit. Sufficient material was placed in the 
column to provide the selected static bed height. Then the bed was 
fluidized with humidified nitrogen for a period of 10 hrs. The gas 
flow rate used for this purpose was 0.083 ft./sec. In the case of pure 
flour and of corn starch the bed was stirred (50 rpm). For the mixture 
of flour and Cab-O-Sil no stirring was used. 
Small samples were drawn from the bed every hour through a sample 
hole located near the bottom of the bed. The weight of these samples 
was determined, then they were placed in a vacuum oven, operating at 
105°C, for a period of 24 hrs. Next the samples were removed from the 
oven and placed in a vacuum desiccator to cool off. These samples were 
then reweighed and the percent moisture content was determined by the 
following relation: 
moisture = 
wt. of sample before drying - wt. of sample after drying X 100 
wt. of sample before drying 
On the average a period of 5 to 7 hrs. of fluidization was required 
for the bed to reach a constant moisture level. The moisture level of 
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each bed was checked periodically during the entire course of experi­
mentation. Changing from one fluidizing gas to another did not effect 
the bed moisture content significantly. For each material (flour, starch, 
flour and Cab-O-Sil) the variation in percent moisture content (after 
steady state was reached) did not exceed 1% during the course of the 
experiment. 
Determination of the incipient fluidization velocity 
The gas was admitted to the column at the lowest gas velocity 
measurable with the flowmeter used. When stirring was required, the 
agitator was turned on at this point and set at the proper speed. A 
period of 2 to 3 min. was allowed (after the flow of gas was started) 
before the pressure drop across the bed was recorded. Then the gas 
flow was increased to a new level and another recording of the pressure 
drop was made. This procedure was repeated until the maximum attain­
able gas flow rate was reached. At this point the gas flow was stopped 
using the main valve without upsetting the flowmeter setting. After the 
bed was settled the gas was readmitted to the column and the pressure 
drop across the bed at this maximum gas flow rate was recorded. The 
procedure was repeated for decreasing gas velocities. 
The pressure drop readings were converted to a dimensionless form 
using the relation: 
Dimensionless pressure drop = Ap 
w/s. 
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where Ap = pressure drop across the bed, Ib./sq.in. 
W = weight of the bed, lb. 
= cross sectional area of the column, sq. in. 
These dimensionless pressure drops were plotted against the superficial 
gas velocity. The curve obtained for each system exhibited two distinct 
segments; fixed bed and expanded bed segments. The extended linear 
portions of these two segments intersect at the incipient fluidization 
velocity (See Figure 15). 
Particle size analysis 
Average particle diameter for flour and corn starch was determined 
using an electron microscope. This procedure was as follows: 
a. A small amount of material, taken from a representative sample, 
was suspended in carbon tetrachloride. 
b. A drop of the above mixture was placed on a 200-mesh copper grid 
on which a carbon film 50-100 Angstroms thick was deposited (the diameter 
of the grid was 3.05mm). 
c. The liquid was allowed to evaporate and the grid was placed in 
the electron microscope. 
d. Under a low intensity beam several photomicrographs of the 
material from different sections of the grid were obtained. 
e. After measuring the diameter of a number of particles from the 
photomicrographs, the average particle diameter was calculated from the 
following relation suggested by Orr and Dallava!le (40) for irregularly 
shaped particles: 
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D = d* 
^ Zf 
where 
Dp = average particle diameter, microns 
d = midpoint diameter, microns 
f = frequency with which a particle diameter, d, occurred 
The total number of particles measured from photomicrographs were 310 
for flour and 132 for corn starch. 
Determination of particle absolute density 
The absolute density of flour and corn starch particles was deter­
mined by the following method: 
a. A small amount of the material was placed in carbon tetra­
chloride to see if it floated, and it was found that the solids were 
less dense than carbon tetrachloride. 
b. About 100 ml. of carbon tetrachloride was poured into a large 
beaker to which a small amount of ethyl-benzene was added to reduce its 
density. 
c. A small quantity of the above solution was poured into a small 
beaker and a minute amount of the solids was added and mixed thoroughly 
with a magnetic stirrer. 
d. The mixture was covered with a watch glass and allowed to 
remain approximately 2 hrs. without disturbance. Then the mixture was 
observed to see whether the particles were suspended. 
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e. If the particles were not suspended totally more ethyl-benzene 
was added to the original solution (step b) and the procedure from 
step c was repeated until total suspension was achieved. 
f. Then the density of the final solution (containing carbon 
tetrachloride and ethyl-benzene) was determined. This was assumed to be 
the same as the absolute density of the particles. 
Determination of angle of repose 
When granular solids rest freely on a pile, the angle formed between 
the sides of the pile and the horizontal plane is called the angle of 
repose. 
The angle of repose of all four materials used in this investigation 
was determined using the apparatus shown in Figure 10. The apparatus 
consisted of a hollow brass cylinder, a stainless steel circular disk, a 
laboratory jack plate, an electric motor with a variable drive system, 
a cathetometer, and a pulley arrangement. The brass cylinder had an 
inside diameter of 1.250 in. and was 2 in. high. The top portion of 
the disk was machined to a diameter of 1.245 in. 
The cylinder was placed on the upper portion of the disk and filled 
with material. The drive system of the motor was set at 1 rpm and the 
cylinder was raised until it was clear of the pile of material. The 
difference between the base of the cone and its apex was measured by the 
cathetometer. Knowing the height of the cone and diameter of the base 
the angle of repose was calculated. 
Figure 10. Photograph of the apparatus used to measure the angle of repose 
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The above procedure was repeated for each material five times. 
Values reported in Table 2 are averages of the five observations. Using 
Bartlett's test (41), the hypothesis of homogeneous variances at the 5% 
significance level could not be rejected. Thus a pooled standard devia­
tion was calculated and found to be equal to 1.56 degrees. 
These experiments were performed in ambient air and room temperature 
(74°F). The moisture content of each material was determined before and 
after its angle of repose was measured. Variation in moisture content 
of the material during these measurements was found to be negligible. The 
moisture content at which the angle of repose was measured for each 
material is shown in Table 2. 
Heat transfer measurements 
Two types of experimental runs were performed to determine the heat 
transfer coefficients. While for one type of run the fluidized bed was 
stirred, no mechanical agitation was used during the other type. In 
both cases the gas velocity was increased in a step-wise fashion while 
all other system parameters were kept constant. In some cases experi­
mental runs were made in the same manner for a decreasing gas velocity. 
Heat was usually supplied to the column from the lower transfer unit 
and was removed by the upper transfer unit. A series of runs were also 
performed with the heating and cooling units interchanged. 
Water at 30°C was circulated through the copper tubing surrounding 
the heating section, and water at 18°C was circulated through the copper 
tubing surrounding the cooling section. Sufficient time was allowed for 
both heating and cooling sections to attain constant temperatures. With 
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no gas flowing through the column the temperature difference between the 
water entering and leaving each of the two transfer sections was re­
corded. This temperature difference for both sections was found to be 
quite small (near zero) indicating that the heat loss, from these units 
to the surroundings, was negligible. The bed was then fluidized by 
passing gas at a fixed rate through the column. For runs in which 
mechanical agitation was used the stirrer was turned on at this point 
and set at the desired speed. After a steady state condition was 
reached all the system temperatures, water flow rates, and the gas 
flow rate were recorded. The pressure drops across the fluidized bed 
and each heat transfer section were also recorded. In addition the 
height of the fluidized bed was measured. The gas flow rate was in­
creased (or decreased) subsequently and after the system reached a 
steady state all the necessary measurements were made again. This pro­
cedure was repeated for other gas flow rates. 
The entrainment rates for all four materials studied were quite 
small. However, when the pressure drop across the entrainment filter 
increased substantially the flow of gas to the column was stopped (when 
the bed was stirred the agitator was turned off prior to this) and the 
material collected in the entrainment filter was returned to the column. 
During experimentation with the mixture of flour and Cab-O-Sil the filter 
was emptied frequently because the rate of entrainment was greater and 
more care was exercised in returning the material to the column. 
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Method of calculation 
During each experimental run the temperatures at various locations 
in the system were continuously recorded until a steady state was reached. 
At steady state the experiment was continued until four temperature 
measurements for each location were made. Figure 11 is the recorder 
strip chart for a typical run. For each point the mean of the four 
observations was calculated, then the corresponding temperature was found, 
Bartlett's test (41) showed that the hypothesis of homogeneous 
variances at the 5% significance level could not be rejected. Thus a 
pooled estimate of the standard deviation for the sets of values in 
Figure 11 was calculated and found to be equal to 0.0033°F. 
For each run a heat balance around the column was made. From this 
the percent heat loss to the surroundings was calculated by 
% heat loss = 
(heat input) - (heat output + heat gained by gas) 
heat input 
X 100 
The sensible heat given up by the water circulating around the 
heating section was divided by the inside surface area of the section to 
give the heat flux through this unit. Similarly, the heat flux through 
the cooling section was calculated. 
The heat transfer coefficient for each transfer section was calcula­
ted from the following relation: 
Figure 11. Recorder strip chart for a typical run 
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ÂfW 
where 
h = heat transfer coefficient, BTU/(hr.) (sq.ft.) (°F) 
Q = the quantity of heat transferred per unit time, BTU/hr. 
A = the inner surface area of a heat transfer section, sq.ft. 
= the average wall temperature of a heat transfer section, °F 
Tg = the average bed temperature, °F 
The average wall temperature, , was calculated by averaging the 
temperature readings provided by the three thermocouples attached to the 
inside surface of each copper section. The average bed temperature, Tg, 
was calculated by averaging the temperature readings given by the two 
thermocouples inserted in the bed. 
The average bed density, for each run, was found by dividing the 
weight of the bed by the volime of the fluidized bed. An apparent 
average bed density was also calculated from the pressure drop measure­
ments. This was accomplished by dividing the pressure drop across the 
bed by the height of the fluidized bed. The apparent average bed density 
in each heat transfer section was calculated by dividing the pressure 
drop across the section by the height of the section. 
As shown in Figure 11 the temperature recorder output was in milli­
volts. A modified Fibonacci search technique (47) was used to convert 
the recorder output to temperature in degrees Fahrenheit. All the 
computations were done on an IBM 360/65 computer. 
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Development of empirical models 
Experimental data for flour, starch, and the mixture of flour and 
Cab-O-Sil were correlated separately. Each set of data was correlated 
using the following exponential models: 
All three gas properties could not be included in one model because of 
the relationship between them which is expressed by the Eucken equation 
The logarithms of both sides of each equation were taken, thus 
log h=log c + b-jlog v + bglog k + bglog 
log h=log c + b^log v + bglog k + b^log \i 
log h=log c + b^log v + bglog Cp + b^log y 
The quantities were redesignated as follows: 
h' = log h 
bo = log c 
v' = log V 
k' = log k 
(8) .  
Cp' = log Cp 
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The resulting models were 
h' = bg + b^v' + bgk' + bgC'p 
h' = bg + b]V' + bgk' + b^u' 
h' = bQ + b,v' + bgCpf b^u' 
Using the linear multiple regression analysis program of the Computation 
Center, Iowa State University, the values for partial regression coef­
ficients (b's), for each model, were determined. 
Results and Discussion of Results 
Two types of experimental runs were performed to determine the heat 
transfer coefficients. While for one type of run the fluidized bed was 
stirred, no mechanical agitation was used during the other type. In both 
cases the gas velocity was increased in a step-wise fashion while all 
other system parameters were kept constant. Some of these runs were 
repeated in the same manner for a decreasing gas velocity. 
Heat was normally supplied to the fluidized system through the lower 
transfer unit and removed through the upper transfer unit. A series of 
runs, however, were made with the heating and cooling sections inter­
changed. 
Table 3 summarizes the ranges of various operating parameters used in 
this investigation. The velocity range given for each gas does not include 
values below the incipient fluidization velocity. In all cases heat trans­
fer measurements were made as gas velocities above the incipient fluidiza­
tion velocity. 
At low gas flow rates, there was a small longitudinal temperature 
gradient along the inner wall of the heat transfer units. This temper­
ature gradient was more pronounced for the heating section than for the 
cooling section. The maximum temperature difference observed between the 
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top and bottom of the heating section was about 4°F and that for the 
cooling section was around 2°F. These temperature differences, however, 
diminished to less than 1°F* at high gas velocities. 
Table 3. The range of operating variables for various gas-solid systems 
Material Gas 
Superfi ci al 
gas velocity 
range, ft./sec. 
Stirring 
speeds, 
rpm 
Static bed 
height, in. 
Glass 
beads air 0.058-0.255 0, 10, 100 29.5, 39.8 
N? 0.092-0.191 25,50, 100 27.0 
Flour Hp 0.252-0.490 50 27.0 
COg 0.117-0.170 50 27.0 
N? 0.113-0.191 25,50, 100 29.0 
Corn 
starch "2 COg 
0.347-0.586 
0.107-0.160 
50 
50 
29.0 
29.0 
Np 0.056-0.212 0,25,50,100 26.5 
Flour 
and 1% 
Cab-O-Si1 
"2 
COg 
0.252-0.490 
0.054-0.160 
0, 50, 100 
0, 50, 100 
26.5 
26.5 
The longitudinal temperature gradient in the fluidized bed was quite 
small. The maximum temperature difference between the two locations in 
the bed did not exceed 2°F. This maximum temperature difference was 
observed at low gas velocities. At high gas velocities this difference 
was negligible (less than 1*F).* 
^For corn starch the difference was about 2°F 
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The average heat loss to the surrounding was about 10%. This value 
was somewhat higher (about 20%) when the two Plexiglass sections, one 
placed between the two transfer units and the other below the lower 
transfer unit were left uninsulated for visual observations. 
The heat gain by the gas, passing through the column, for all cases 
studied was less than 5% of the heat supplied to the column. 
Commercially available flour and corn starch have a moisture con­
tent of approximately 10%. Fluidizing these materials with a dry gas, 
for an extended period of time would have caused drying and eventually 
fracture of the particles. To avoid this size degradation of particles, 
the fluidizing gases were humidified which caused the solids.to maintain 
approximately their original moisture content. 
To make certain that no attrition of particles had taken place 
during fluidization, photomicrographs of solid particles were obtained 
before and after fluidization. Figures 12 to 14 compare the appearance 
of solid particles before and after fluidization for each material. The 
fluidization period ranged from 40 to 60 hours depending on the material. 
As shown in these photomicrographs fluidization of flour, corn starch, 
and a mixture of flour and Cab-O-Sil, under the experimental conditions 
outlined, did not change the particle shape or physical appearance of 
these materials. 
In the remainder of this section, the experimental results for each 
material will be presented and discussed. Then a comparison between the 
data collected for flour, corn starch, and a mixture of flour and 
Figure 12. Photomicrographs of flour particles before fluidization (top) and after fluidization (bottom) 
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Figure 13. Photomicrographs of corn starch particles before 
fluidization (top) and after fluidization (bottom) 
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Figure 14. Photomicrographs of the mixture of flour and Cab-O-Sil (1%) 
particles before fluidization (top) and after fluidization 
(bottom) 
71 
72 
Cab-O-Sil will be presented. Finally the theoretical model which seems 
to fit all of the data will be discussed. 
Glass beads 
The following ranges of variables were used during experimentation 
with glass beads. The superficial gas velocity ranged from 0.058 to 0.255 
ft./sec. The static bed depth ranged from 29.5 to 39.8 in. And the 
stirrer speed ranged from 0 to 100 rpm. Two different kinds of gas 
distributor plates were used: a "Therma-Comb" brand corrugated ceramic 
disc and a porous alundum disc. These were described earlier in the 
section on apparatus. A series of runs was made in which heat was sup­
plied to the system by the lower transfer section and removed by the 
upper transfer section. Another series of runs was made in which the 
heating and cooling sections were interchanged. 
The generally accepted theory (29) indicates that solids move 
upward in the wake of each gas "bubble" in a fluidized bed. The solids 
are then deposited on the top of the bed and descend along the wall of 
the column. This seemed to be the behavior exhibited by the glass beads 
air system in this investigation. Although no proof of the upward motion 
of the solids can be presented here the descent of the particles along 
the wall was observed visually. There was relative motion between 
particles, even at low gas velocities. At high gas velocities, occasion­
ally large gas "bubbles" appeared along the wall and rised rapidly to 
the top. No channeling in the bed was observed even at very low gas 
velocities. 
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The incipient fluidization velocity of the glass beads air system 
was determined by the procedure outlined earlier in this thesis. When 
the Therma-Comb brand corrugated ceramic disc was used as the gas 
distributor plate a static bed height of 29.5 in. was used. When the 
alundum disc was used as the gas distributor plate, the incipient 
fluidization velocity was determined for two static bed heights, namely, 
29.5 and 39.8 in. No stirring was used when the above measurements 
were made. 
Figure 15 shows a typical curve for a glass beads air system when 
dimensionless pressure drop was plotted against superficial gas velocity. 
Similar plots for the other conditions, described above, are not shown. 
From this kind of plot (Figure 15), in addition to the incipient 
fluidization velocity, two other important parameters can be determined. 
These are the limiting value of the dimensionless pressure drop and the 
superficial gas velocity at which the dimensionless pressure drop reaches 
a limiting value, Vj^. For ideal fluidization the value of the limiting 
dimensionless pressure drop approaches unity. Therefore, the value of 
the limiting dimensionless pressure drop gives some indication of the 
quality of fluidization. 
In Table 4 the incipient fluidization velocity, the limiting 
dimensionless pressure drop, and the superficial gas velocity for given 
values of bed depth are presented. These values were obtained from plots 
similar to that presented in Figure 15 for the experimental conditions 
outlined above. Stirring did not seem to have any effect on the pressure 
drop across the bed. When the bed was stirred, the values obtained for 
Figure 15. Dimensionless pressure drop versus superficial gas 
velocity for glass beads air system 
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the incipient fluidization velocity, limiting dimensionless pressure 
drop, and the superficial gas velocity at which the dimensionless 
pressure drop reached a constant limiting value were identical to those 
determined without stirring under the same conditions. 
Table 4. Fluidization parameters for the glass beads air system, 
without stirring 
Static bed incipient limiting V,* 
depth, in. fluid, vel., Ap7(M/S ) 
ft./sec. ft./sec. 
29.5 0.052 0.908 0.090 
29.5b 0.057b 0.920^ 0.106^ 
39.8 0.055 0.946 0.150 
^Superficial gas velocity at which dimensionless pressure drop 
approached a limiting value 
^Values obtained when the Therma-Comb gas distributor plate was 
used 
As stated earlier the primary objective of the preliminary work 
with the glass beads air system was to determine whether the fluidiza­
tion equipment (described in the apparatus section) and the procedure 
were adequate for measuring the heat transfer coefficient between the 
fluidized bed and the wall of the confining vessel. In this preliminary 
investigation in addition to testing the adequacy of the method, the 
effects of stirring, static bed depth, type of distributor plate, and 
superficial gas velocity on the rate of heat transfer were studied. 
Experiments performed in this preliminary work can be divided into two 
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parts (Parts I and II). In Part I a Therma-Comb brand corrugated disc 
was used as the gas distributor plate. In Part II the gas distributor 
plate was a porous alundum disc. 
Part I. In this part of the investigation, a static bed depth 
of 29.5 in. was used. The superficial gas velocity ranged from 0.058 
to 0.255 ft./sec. and the stirring speed ranged from 0 to 100 rpm. Two 
types of experiments were performed. In one type heat was supplied to 
the system from the lower transfer section and was removed by the 
upper transfer section. In the other type of experiment the heating 
and cooling sections were interchanged. All the heat transfer measure­
ments were made according to the procedure outlined under "Heat transfer 
measurements" in the Procedure section of this manuscript. The bed 
was operated essentially at room temperature and atmospheric pressure. 
The heat transfer data obtained when heat was supplied to the system 
by the lower section, for various conditions of superficial gas velocity 
and stirring speed, are tabulated in Tables 13 and 14 of the Appendix. 
Experimental data collected for conditions in which heat was supplied 
to the column by the upper section are presented in Tables 15 and 16 
of the Appendix. Since at the time these data were being collected 
(data in Tables 13 to 16 of the Appendix) the fluidization column was 
not equipped with the necessary pressure taps, the bed density in the 
heat transfer sections is not reported. 
As it was pointed out earlier, the main purpose of this preliminary 
work was to determine how well the apparatus would perform. The close 
agreement between the results obtained in this part (Tables 13 to 16 of 
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the Appendix) and those reported by Mickley and Trilling (39) and by 
Levenspiel and Walton (34) showed the apparatus and the procedure used 
in this investigation to be adequate. 
The heat transfer coefficients presented in Tables 13 to 16 of 
the Appendix for various conditions of superficial gas velocity (0.058 
to 0.255 ft./sec.) and stirring speed (0 to 100 rpm) are plotted against 
the reduced gas mass velocity in Figure 16. For the range of gas 
velocities studied it appears that the heat transfer coefficient, for 
each section, increased with increasing gas velocity. However, as 
shown in Figure 16, the heat transfer coefficients for the lower unit 
were always greater than those for the upper unit. It will be shown 
later in this section, that this difference in heat transfer coefficients 
was not due to the difference between the bed density in the two sections. 
Jacob and Osberg (27) investigated the effect of the location of 
the heat transfer surface, with respect to the gas distributor plate, on 
the heat transfer coefficient. By inserting a hot wire probe at various 
distances above the gas distributor plate they established a vertical 
heat transfer profile which showed a flat maximum at about half the 
height of the fluidized bed. 
Toomey and Johnstone (46) also studied the bed height effect on 
the heat transfer coefficient. According to these investigators the heat 
transfer coefficients are higher in the low region of the bed (near the 
gas distributor plate) and tend to decrease rather steadily as higher 
regions are approached. Yet in another investigation, Dow and Jakob (20) 
Figure 16. Heat transfer coefficient versus reduced gas mass velocity 
for glass beads air system 
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found the heat transfer coefficient, h, to be inversely proportional 
to the height of the fluidized bed to the 0.65 power (hoc 
The results of the present investigation seems also to indicate 
that the position of the transfer surface has a definite effect on the 
heat transfer coefficient. 
It was pointed out earlier that in this part of the investigation, 
in addition to the experimental runs without stirring, a series of runs 
was performed in which the bed was stirred. The purpose of this was to 
find out if stirring would significantly effect the rate of heat transfer 
in a fluidized bed of glass beads. A multiple regression analysis of 
the data presented in Tables 13 to 16 of the Appendix showed that for 
the conditions studied, stirring had no significant effect on the rate 
of heat transfer in a fluidized bed of glass beads. The results of the 
regression analysis are shown in Table 69 of the Appendix. 
As mentioned at the beginning of this part, two types of experi­
mental runs were made. In one type the heat was supplied to the system 
through the lower unit and removed by the upper unit. In the other 
type of experimental run the heating and cooling units were interchanged. 
This was done to determine whether there was a significant difference 
between the heat transfer coefficients obtained when a transfer surface 
was used as a heater and the coefficients measured when the same surface 
was used as a cooler. The following statistical test was performed: 
two populations with equal variances were assumed and the hypothesis of 
equal population means was tested. The result showed that at the 5% . 
significance level the hypothesis could not be rejected. Thus 
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interchanging heating and cooling sections bad no significant effect 
on the heat transfer coefficient. The details of this statistical 
test are presented in Tables 70 and 71 of the Appendix. 
Part II. In this part of the investigation with the glass beads 
air system a porous alundum disc was used as the gas distributor plate. 
The Therma-Comb gas distributor plate was replaced because the pressure 
drop across it was very small which is generally believed to result in 
poor fluidization (26). As it was pointed out in the section on apparatus, 
the porous alundum disc had a much smaller average pore diameter. Thus 
the pressure drop across it was much higher than the pressure drop 
across the Therma-Comb disc. 
Experiments carried out to determine whether the increase in pres­
sure drop across the distributor plate would have any effect on the rate 
of heat transfer in a fluidized bed of glass beads. The experimental 
conditions were identical to those outlined in Part I. Namely, the 
static bed depth was 29.5 in., the superficial gas velocity ranged from 
0.058 to 0.255 ft./sec., and the stirrer speed ranged from 0 to 100 rpm. 
In this part of the investigation, however, heat was always supplied to 
the column from the upper transfer unit and removed by the lower trans­
fer unit. Here again the heat transfer measurements were made accord­
ing to the procedure outlined under "Heat transfer measurements" in the 
Procedure section of this manuscript. The column was essentially 
operated at room temperature and atmospheric pressure. 
The results for runs in which no stirring was used are presented in 
Table 17 of the Appendix. The results for the experimental runs in 
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which the bed was stirred at 10 and 100 rpm are tabulated in Tables 18 
and 19 of the Appendix, respectively. In Figure 17 the heat transfer 
coefficients measured in this part of the investigation (Tables 17 to 
19 of the Appendix) are plotted against the reduced gas mass velocity. 
Here as in Figure 16, for each unit, the heat transfer coefficient 
increased as the gas velocity was increased. And the heat transfer 
coefficients measured for the lower section were greater than those 
determined for the rupper section. However, a close comparison between 
Figures 16 and 17 reveals that differences between the heat transfer 
coefficients for the upper and lower sections had decreased as a result 
of using the alundum gas distributor. It also appears that the heat 
transfer coefficients with the alundum distributor were smaller than 
those obtained with the other distributor. 
As it was pointed out in a previous section, the apparent local 
bed density in each transfer unit was estimated by dividing the pressure 
drop across the section by the height of the section. The accuracy of 
this procedure was tested by comparing the overall bed density deter­
mined in this manner with the actual bed density calculated by dividing 
the weight of the bed by its volume. This showed the estimated apparent 
density to be 92 to 94% of actual density for the glass beads air system. 
The density in the lower section decreased slightly as the gas velocity 
was increased. However, the trend in the upper section was the opposite; 
namely, the density within this section increased slightly with increas­
ing gas velocity. On the average for a given gas velocity, the bed 
Figure 17. Heat transfer coefficient versus reduced gas mass 
velocity for glass beads air system with a static 
bed depth of 29.5 in. 
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density in the upper section was slightly higher than that in the lower 
section. Hence, it appears that the large difference in the heat transfer 
coefficients between the two sections cannot be attributed to the 
difference in bed density. 
In order to determine whether an increase in static bed depth (or 
the increase in the quantity of the bed material) would produce any 
effect on the rate of heat transfer, the static bed depth was increased 
by approximately 10 in. Then the same experimental runs as those made 
with a 29.5 in. bed were repeated. The results for various conditions 
of superficial gas velocity (0.058 to 0.255 ft./sec.) and stirrer speed 
(0 to 100 rpm) are presented in Tables 20 and 21 of the Appendix. 
During these experimental runs heat was always supplied to the system 
by the upper transfer section and removed by the lower transfer section. 
Figure 18 is a plot of the heat transfer coefficient versus reduced 
gas mass velocity for the various conditions studied with this bed 
depth. A comparison of Figures 17 and 18 shows that the increase in bed 
height did not effect the rate of heat transfer significantly. To make 
certain that this was the case, a statistical test was performed. Two 
normal populations with equal variances were assumed and the hypothesis 
of equal population means was tested. The result indicated that at the 
5% significance level the hypothesis could not be rejected. The details 
of the statistical test are presented in Tables 72 and 73 of the Appendix. 
In order to determine whether stirring had any effect on the heat 
transfer data collected in this part of the investigation with glass 
beads, a multiple regression analysis was made on the data (see Table 69 
Figure 18. Heat transfer coefficient versus reduced gas mass 
velocity for glass beads air system with a static 
bed depth of 39.8 in. 
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of the Appendix). The result of the analysis showed that for the 
experimental conditions outlined at the beginning of this part, stirring 
did not have a significant effect on the rate of heat transfer in a 
fluidized bed of glass beads. This is the same conclusion which was 
reached before the gas distributor plate was replaced. 
In summary, the results obtained in this preliminary experimenta­
tion with the glass beads air system showed the following: 
a. The close agreement between the data obtained for glass beads 
air system and the values reported by Mickley and Trilling (39) and by 
Levenspiel and Walton (34) for the same size beads showed that the 
apparatus and the experimental method (both outlined in previous sections) 
were adequate. 
b. Interchanging the heating and cooling units did not have à 
significant effect on the rate of heat transfer. 
c. The increase in static bed height (or the increase in the 
quantity of the material) did not effect the rate of heat transfer 
signifi cantly. 
d. Increasing the pressure drop across the gas distributor plate 
caused the difference between the heat transfer coefficients for the 
upper and lower units to decrease. It also reduced both sets of heat 
transfer coefficients. 
e. Mechanical stirring of the fluidized bed, with the flat blade 
stirrer located 1/4 in. above the gas distributor plate, did not effect 
the rate of heat transfer significantly. 
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Based on the above observations, during experimentation with pure 
wheat flour, Argo corn starch, and a mixture of pure wheat flour and 
Cab-O-Sil (1%), heat was always supplied to the column by the lower 
transfer section and removed by the upper transfer section. Only one 
static bed depth was used for each material. Moreover, the alundum 
disc (described earlier) was used as the gas distributor plate. 
Pure wheat flour 
The objective of this part of the investigation was primarily to 
measure the heat transfer coefficient in a fluidized bed of pure wheat 
flour. The effects of the following parameters on the rate of heat 
transfer were investigated: superficial gas velocity, stirring speed, 
and the properties of the fluidizing gases. Superficial gas velocity 
ranged from 0.092 to 0.490 ft./sec. The stirring speed ranged from 
0 to 100 rpm. Nitrogen, hydrogen, and carbon dioxide were used as the 
fluidizing gases. Each fluidizing gas was humidified according to 
the procedure outlined in the Procedure section. The percent relative 
humidity of the fluidizing gases was presented in Table 1. A static 
bed depth of 27 in. was used and the bed was conditioned by the pro­
cedure outlined under "Fluidized bed conditioning" in the Procedure 
section. The percent moisture content of the bed was determined accord­
ing to the method outlined earlier (Procedure section). This value was 
reported in Table 2. The moisture content of the bed did not vary 
significantly during the entire course of experimentation. Fluidization 
runs were made in which the superficial gas velocity was increased in a 
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step-wise fashion while stirring speed and other system parameters were 
kept constant. Then these runs were repeated for different stirring 
speeds. All the experiments were carried out in the 6 in. diameter 
column described earlier in the section on apparatus. 
With only gas flowing through the column the bed expanded slightly, 
then the bed channeled and did not fluidize. Combined action of aeration 
and stirring caused the bed to fluidize even at very low stirring speeds. 
In general when the bed was fluidized the solids seemed to circulate 
by moving upward near the center of the bed and descending along the 
column wall. 
When nitrogen was used as the fluidizing gas, at low velocities 
small gas pockets trapped between particles moved downward near the 
wall but very little or no relative movement between the particles was 
observed. At higher gas velocities the relative motion between the 
particles increased and the gas pockets became smaller and eventually 
disappeared as the gas velocity was increased further. At low gas 
velocities small bubbles burst at the surface. As the gas velocity was 
increased these bubbles became larger. However, very few bubbles appeared 
along the wall even at very high gas velocities. The above obser­
vations on the flour nitrogen system are parallel to those made by 
Brekken et al^. (12) in a recent investigation. 
When flour was fluidized with hydrogen the presence of large rising 
bubbles along the wall made it difficult to observe the actual movements 
of the particles near the wall. Even at low gas velocities these bubbles 
were present and seemed to Increase in size as they moved upward. 
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The flour carbon dioxide system exhibited the same general 
characteristics as those observed for the flour nitrogen system. 
The incipient fluidization velocity was determined for the flour 
nitrogen, flour hydrogen, and flour carbon dioxide systems. This was 
done by the method outlined in the Procedures section of this manuscript. 
The bed was stirred when these measurements were made and the stirring 
speeds used for each system are given in Table 3. As usual the bed 
was operated at room temperature and pressure. 
Figure 19 shows plots of the dimensionless pressure drop versus 
superficial gas velocity for flour nitrogen, flour hydrogen, and flour 
carbon dioxide systems with stirring at 50 rpm. The value of the in­
cipient fluidization velocity, the limiting dimensionless pressure drop, 
and the superficial gas velocity as which the dimensionless pressure 
drop approaches a limiting value are given in Table 5. These values were 
determined from the plots in Figure 19 and other plots (not shown) for 
stirring speeds of 25 and 100 rpm for the flour nitrogen system. As 
seen in Figure 19 the two regions (fixed and fluidized bed regions) 
normally exhibited by materials such as glass beads (See Figure 15) 
which fluidize readily are also exhibited by a stirred bed of flour. 
These regions become less distinct in the case of hydrogen because the 
data were more scattered. 
At low gas velocities the magnitude of fluctuations in the pressure 
readings across the bed were large; however, as the gas velocity was 
increased (above the minimum fluidization velocity) the magnitude of 
the fluctuations decreased substantially. Similar observations were 
Figure 19. Dimensionless pressure drop versus superficial gas velocity 
A. Flour nitrogen system 
B. Flour hydrogen system 
C. Flour carbon dioxide system 
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made by Kunii and Levenspiel (30). They attributed the large magnitude 
of the manometer fluctuations to poor quality of fluidization. 
Consequently, the decrease in fluctuation magnitude was associated with 
good fluidization. 
Table 5. Fluidization parameters for flour 
Gas 
Stirring 
Speed, rpm 
Incipient 
f 1 ui d vel. 
ft./sec. 
Limiting 
Ap/(M/S^) 
V, 
ft.7sec. 
N2 25 0.090 0.852 0.112 
N2 50 0.090 0.850 0.112 
N2 100 0.105 0.858 0.128 
"2 50 0.260 0.793 0.320 
COg 50 0.123 0.770 0.133 
The incipient fluidization velocity and the limiting value of the 
dimensionless pressure drop appeared to be independent of the stirring 
speed for the flour nitrogen system. Similar observations were made by 
Brekken e1^^. (12) on an identical system. For a 30 in. bed they 
reported an average fluidization velocity of 0.084 ft./sec. and an 
average limiting dimensionless pressure drop of 0.85. These values are 
quite close to those reported in Table 5 for nitrogen. 
As it was pointed out earlier for ideal fluidization the dimension­
less pressure drop approaches unity. Using this as a criterion for the 
quality of fluidization, it can be concluded that a better quality of 
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fluidization was achieved when nitrogen was used as the fluidizing 
medium. Nitrogen also gave the smallest incipient fluidization velocity. 
As indicated previously, the main objective of this part of the 
investigation was to measure the heat transfer coefficient between a 
fluidized bed of flour and the wall of the confining vessel, and to 
determine the effects of the superficial gas velocity, stirring speed, 
and the properties of the fluidizing gases on the heat transfer 
coefficient. The first experimental runs were made using nitrogen as 
the fluidizing gas. Then the same experiments were repeated with 
hydrogen and carbon dioxide. Prior to the first experimental runs, 
the bed was conditioned according to the method outlined in the Pro­
cedure section. The incipient fluidization velocity, discussed earlier, 
for each fluidizing gas was also determined prior to the heat transfer 
measurements. In all cases the superficial gas velocities used were 
above the incipient fluidization velocity. The ranges of superficial 
gas velocity, stirring speed, and the bed depth for each fluidizing 
gas are given in Table 3. The heat transfer measurements were made 
according to the procedure which was outlined in detail in the section 
on experimental procedure. All the measurements were made at room 
temperature and pressure. During this part of the investigation, heat 
was always supplied to the column by the lower unit and removed by the 
upper unit. 
At low gas velocities (below 0.120 ft./sec. for nitrogen and carbon 
dioxide and below 0,38 ft./sec. for hydrogen). A difference of 2 to 3°F 
was observed between the top and bottom of the inner wall of the heating 
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unit. The corresponding difference for the cooling unit did not exceed 
2°F. However, as the gas velocity was increased to higher values, this 
difference in wall temperature diminished to values less than 1°F for 
both units. At low gas velocities (defined above) there was a small 
longitudinal temperature variation in the bed. The maximum difference 
between the temperature readings given by the two thermocouples inserted 
in the bed (see Figure 3) did not exceed 2°F. At high gas velocities 
(above 0.12 ft./sec. for nitrogen and carbon dioxide and above 0.38 
ft./sec. for hydrogen) this temperature difference became quite small 
(less than 1°F). The heat loss to the surroundings was on the average 
10 to 15%. The overall average bed density, for each gas velocity, was 
calculated by dividing the weight of the bed by the volume of the 
fluidized bed. An apparent overall average bed density was also cal­
culated from the pressure drop measurements according to the procedure 
outlined in the section on "Method of calculation". The apparent 
average bed density in each heat transfer section was calculated from 
the pressure drop measurements. The local bed density within each 
transfer unit did not vary significantly with gas velocity. In the 
case of the flour hydrogen system for a given gas velocity the average 
bed density within the lower section was higher than that in the upper 
section. In the cases of the flour nitrogen and flour carbon dioxide 
systems there was no significant difference between local densities in 
the lower and upper units. This was true for all gas velocities used. 
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In order to determine the effect of stirring speed on the rate of 
heat transfer in a fluidized bed of flour a series of runs was made 
in which gas velocity was increased while the stirring speed was kept 
constant at 25 rpm. These experiments were repeated for stirring speeds 
of 50 and 100 rpm. The results are tabulated in Tables 22 to 24 of the 
Appendix. A multiple regression analysis was made on this data (see 
Table 69 of the Appendix). The result showed that a change in stirring 
speed did not have a significant effect on the rate of heat transfer in 
a fluidized bed of flour for the conditions specified above. In Figure 20 
the heat transfer coefficients, measured for the flour nitrogen system 
for various conditions of gas velocity and stirring speed, are plotted 
against the reduced gas mass velocity. From this plot it appears that 
for the conditions studied, the heat transfer coefficient increased as 
the gas velocity was increased. This is true for both transfer sections. 
Here again the heat transfer coefficients exhibited the same trends as 
those observed for glass beads within the two heat transfer sections. 
Namely, heat transfer coefficients measured with the lower section were 
larger than those measured with the upper section. 
In order to determine the effect of the properties of the fluidiz-
ing gas, a series of runs was made in which pure wheat flour was 
fluidized with hydrogen. Another series of runs was made using carbon 
dioxide as the fluidizing gas. Since variation in stirring speed 
(experimental runs with nitrogen) did not seem to have a significant 
effect on the rate of heat transfer, only one stirring speed (50 rpm) was 
Figure 20. Heat transfer coefficient versus reduced gas mass velocity 
for the flour nitrogen system 
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used during this part of the investigation. The static bed depth and 
the range of gas velocity used with each gas were given in Table 3. 
The experimental procedures were identical to those for the flour nitro­
gen system. The results for the flour hydrogen system are presented 
in Table 25 of the Appendix. The results for the flour carbon dioxide 
system are given in Table 26 of the Appendix. 
The heat transfer coefficients obtained for flour nitrogen, flour 
hydrogen, and flour carbon dioxide systems are compared in Figure 21. 
This is a plot of the heat transfer coefficient, h, versus superficial 
gas velocity for a stirring speed of 50 rpm. As can be seen from 
Figure 21 a comparison between data for all three systems is rather 
difficult because a different linear velocity range was used for each 
gas. Because of the equipment limitations the velocity range for 
nitrogen and carbon dioxide could not be extended to the velocity range 
covered with hydrogen. These equipment limitations were the following: 
a. The maximum obtainable gas volumetric flow rate was limited by 
the mercury seal inside the column (see Figure 5a). 
b. A further limitation was imposed on the gas flow rate by the 
existence of the glass bottles placed in the gas line of the humidifica­
tion system (see Figure 2). 
As shown in Figure 21, for the range of gas velocities covered, 
the heat transfer coefficient increased as the gas velocity was increased. 
This was true for all three fluidizing gases. Also it should be pointed 
out that for all three systems investigated (flour nitrogen, flour hy­
drogen, flour carbon dioxide) the heat transfer coefficients measured 
Figure 21. Heat transfer coefficient versus superficial gas velocity 
for the flour nitrogen, flour hydrogen, and flour carbon 
dioxide systems 
103 
CN o 
it:. 
100 
90 
80 
70 
60 
50 
40 
30 
C 20 
f 8 
i7. 
6 
5 
4 
Flour, 50 RPM 
Lower Transfer Section 
0 Nitrogen 
A Hydrogen 
O Carbon dioxide 
Upper Transfer Section 
a Nitrogen 
• Hydrogen 
• Carbon Dioxide 
I 
0.1 0.2 0.3 
Superficial Gas Velocity ft ./sec. 
0.4 0.5 
104 
with the lower unit were always greater than those obtained with the 
upper unit. 
A plot of the heat transfer coefficient versus the reduced gas 
mass velocity provided a better means of comparing the heat transfer 
coefficients measured for the above systems. This plot is shown in 
Figure 22. From this diagram it appears that for a given gas mass 
velocity, fluidization of flour with hydrogen gave the highest heat 
transfer coefficient and fluidization of flour with nitrogen gave the 
lowest. This was true for both transfer sections and for all gas veloci­
ties within the common range. Thus at this point it can be concluded 
that the properties of the fluidizing gas have a definite effect on the 
rate of heat transfer in a fluidized bed of flour. 
In summary, the results obtained in this part of the investigation 
for the conditions specified showed the following: 
a. For the range of gas velocity used, an increase in gas velocity 
caused an increase in the heat transfer coefficient. 
b. The variation in stirring speed did not effect the rate of heat 
transfer in a fluidized bed of flour significantly. 
c. The properties of the fluidizing gas had a definite effect on 
the rate of heat transfer in a fluidized bed of flour. 
In order to develop an equation for predicting the heat transfer 
coefficient in a fluidized bed of pure wheat flour the data collected on 
flour were fitted to empirical models by the procedure described in the 
section on "Development of empirical models". It was pointed out in that 
Figure 22. Heat transfer coefficient versus reduced gas mass velocity 
for the flour nitrogen, flour hydrogen, and flour carbon 
dioxide systems 
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section that all three gas properties could not be included in one 
model, due to the relationship between them which is expressed by the 
Eucken equation (8) (see "Development of empirical models"). This led 
to the development of three empirical equations for each transfer 
section. These equations for pure wheat flour are presented in Table 6. 
This table also includes the multiple correlation coefficient, R, for 
each model. Analysis of variance and the results of the regression 
analysis of flour data are presented in Tables 42 to 45 of the Appendix. 
Table 6. Empirical models for pure flour 
Empirical models for lower Empirical models for upper 
transfer section transfer section 
R = 0.957 R = 0.972 
The empirical models for each transfer section exhibited exactly 
the same multiple correlation coefficient. Thus only one of the three 
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models for each section is presented graphically. Figure 23 shows the 
following model for the lower transfer section: 
h = 41.740 
yO.967 q0.302" 
J 
L k«-"' 
Data obtained with nitrogen at 50 rpm seem to lie mostly above the line. 
Those obtained at 100 rpm lie below the line. 
Figure 24 shows the corresponding model for the upper section. 
Experimental points on this plot show similar trends as those seen in 
Figure 23. However, the nitrogen data seem to be less scattered. 
As shown in Table 6, for each transfer unit the exponent for the 
gas velocity is the same for all three models. Moreover, the exponent 
for the velocity in the models for the upper section is larger than the 
velocity exponent for the models for the lower section. With reference 
to the values of the multiple correlation coefficients (Table 6) it can 
be concluded that the above empirical equations fit the data rather 
well. 
Since these empirical equations are based on the data collected in 
this part of the investigation, their utility is limited to pure wheat 
flour, the fluidizing gases used, and the apparatus and experimental 
conditions described. 
Corn Starch 
The main objective of this part of the investigation was to measure 
the heat transfer coefficient in a fluidized bed of Argo corn starch. 
Figure 23. Correlation of data of the heat transfer coefficient 
for pure wheat flour, lower transfer section 
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Figure 24. Correlation of data of the heat transfer coefficient for 
pure wheat flour, upper transfer section 
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The effects of superficial gas velocity, stirring speed, and the 
properties of the fluidizing gases were investigated. The superficial 
gas velocity ranged from 0.113 to 0.586 ft./sec. The stirring speed 
ranged from 0 to 100 rpm. Nitrogen, hydrogen and carbon dioxide were 
used as fluidizing gases. A static bed depth of 29 in. was used. Each 
fluidizing gas was humidified according to the method outlined in the 
Procedure section. The bed was conditioned according to the procedure 
discussed earlier in this manuscript. The percent relative humidity 
and the moisture content of the bed were reported in Tables 1 and 2, 
respectively. The moisture content of the bed remained essentially 
constant during the entire period of experimentation. Heat transfer 
measurements were made according to the method outlined in the Procedure 
Section. Heat was always supplied to the column by the lower unit and 
removed by the upper unit. All experiments were carried out in the 
6 in. diameter column described earlier at room temperature and pressure. 
Experimental runs were identical to those made with flour. Namely, 
the superficial gas velocity was increased in a step-wise fashion while 
stirring speed and other system parameters were kept constant. Then 
these runs were repeated for different stirring speeds. 
Without the combined action of aeration and stirring the bed did 
not fluidize at all. When nitrogen was used as the fluidizing gas, the 
bed generally channeled even at high gas velocities. Very little free 
movement of solids along the wall was observed and starch particles 
showed a tendency to stick to the wall of the column. 
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The behavior exhibited by the corn starch hydrogen system was 
somewhat different. Although the particles still displayed a tendency 
to stick to the wall, the bed did not channel and the quality of 
fluidization appeared to have improved. At high gas velocities, large 
rising bubbles appeared along the wall. 
When corn starch was fluidized with carbon dioxide, the behavior 
of the system was similar to that observed for the corn starch nitrogen 
system. 
The incipient fluidization velocity was determined for corn starch 
nitrogen, corn starch hydrogen, and corn starch carbon dioxide systems. 
This was done according to the procedure outlined in an earlier section. 
For the corn starch hydrogen and corn starch carbon dioxide systems 
the incipient fluidization velocity was determined for only one stirring 
speed (50 rpm). However, for the corn starch nitrogen system this 
value was determined for three different stirring speeds (25, 50, 100 
rpm). 
In Figure 25 plots of the dimension!ess pressure drop versus the 
superficial gas velocity for corn starch nitrogen, corn starch hydrogen, 
and corn starch carbon dioxide systems for a stirring speed of 50 rpm 
are shown. The values for the incipient fluidization velocity, limiting 
dimensionless pressure drop and the superficial gas velocity at which 
the dimensionless pressure drop approaches a constant value are given 
in Table 7. These values were obtained from the plots in Figure 25 and 
also from similar plots for the other conditions specified above. 
Figure 25. Dimensionless pressure drop versus superficial gas velocity 
A. Corn starch nitrogen system 
B. Corn starch hydrogen system 
C. Corn starch carbon dioxide system 
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Table 7. Fluidization parameters for corn starch 
Gas 
Sti rri ng 
speed, 
rpm 
Incipient 
fluid, vel. 
ft./sec. 
Limiting 
Ap 
(M/S;) 
V, 
ft./sec. 
Ng 25 0.100 0.624 0.150 
"2 50 0.115 0.660 0.143 
"2 100 0.148 0.641 0.154 
"2 50 0.195 0.822 0.278 
CO2 50 0.100 0.620 0.120 
As shown in Figure 25 the two regions (fixed and fluidized bed regions) 
exhibited by glass beads (Figure 15) and pure flour (Figure 19) are also 
exhibited by corn starch. In this case (Figure 25), however, the data 
points are more scattered. This was probably due to the nonuniform 
oscillations of the manometer which made accurate measurement of the 
pressure drop quite difficult. The manometer fluctuations were more 
erratic in the cases where nitrogen and carbon dioxide were used as 
fluidizing gases. As it was pointed out at the beginning of this part 
when starch was fluidized with nitrogen or carbon dioxide, channeling 
was observed in the bed. Perhaps this could have caused the erratic 
manometer fluctuations. 
As shown in Table 7, for the corn starch nitrogen system, the 
incipient fluidization velocity and the limiting dimensionless pressure 
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drop were affected slightly by a change in stirring speed. A comparison 
of the plots in Figure 25 shows that starch was more extensively fluidi­
zed with hydrogen than with the other gases. 
Brekken et (12) observed somewhat different behavior for a 
corn starch nitrogen system. Although they reported that starch had 
shown a tendency to stick to the wall, no channeling was reported when 
the bed was stirred. Also, the pressure drop across the bed was shown 
to be independent of gas velocity. Disagreement between their observa­
tions and those made in this investigation could have resulted from a 
difference in the moisture content of the beds. Brekken et a^. (12) 
did not humidify the fluidizing gas; consequently, as the fluidization 
proceeded the bed became drier and perhaps less cohesive. 
An overall average bed density and an apparent average bed density 
were calculated for each gas velocity. The apparent average bed density 
within each unit was also calculated. These were done according to the 
method outlined in the Method of Calculation section. No significant 
difference was observed between the bed density in the upper and lower 
sections. And these local bed densities did not change significantly 
with gas velocity. All the corn starch data are presented in Tables 27 
to 31 of the Appendix. 
For the purpose of measuring heat transfer coefficients in a 
fluidized bed of corn starch a series of runs were carried out using 
nitrogen as the fluidizing gas. The same experiments were repeated with 
hydrogen and carbon dioxide. These runs were performed according to the 
procedure mentioned previously. The experimental conditions were 
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stated above. Prior to the first experimental runs (with the corn 
starch nitrogen system) the bed was conditioned and the incipient 
fluidization velocities were determined. Gas velocities used for heat 
transfer measurements were above the incipient fluidization velocity. 
There was a temperature gradient along the wall of the transfer 
sections. At low gas velocities (below 0.120 ft./sec.for nitrogen and 
carbon dioxide and below 0.38 ft./sec. for hydrogen) a difference of 
3 to 4°F was observed between the top and bottom of the inner wall of 
each transfer unit. At higher gas velocities this difference was 
slightly less. At the highest gas velocity used (see Table 3) this diff­
erence in temperature was approximately 2°F for each unit. At low gas 
velocities (defined above) the temperature reading provided by the two 
thermocouples inserted in the bed differed by about 2°F. An increase 
in gas velocity did not change this temperature difference significantly. 
At the highest gas velocity used (see Table 3) the difference between 
the temperature in the two locations was 1 to 1.5°F. The heat loss to 
the surroundings on the average was 20 to 25%. 
In order to determine the effect of stirring speed on the rate of 
heat transfer in a fluidized bed of corn starch, a series of experiments 
were carried out using nitrogen as the fluidizing gas. During these 
experiments the stirring speed was 25 rpm. These runs were repeated 
for stirring speeds of 50 and 100 rpm. The experimental conditions were 
outlined above. The results are given in Tables 27 to 29 of the Appendix. 
A regression analysis of the results showed that for the experimental 
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conditions specified above a change in stirring speed had no: significant 
effect on the rate of heat transfer in a fluidized bed of corn starch. 
The results of the regression analysis are shown in Table 69 of the 
Appendix. In Figure 26 the heat transfer coefficients, measured for 
the corn starch nitrogen system for various conditions of stirring speed 
and gas velocity, are plotted against reduced gas mass velocity. As 
shown in Figure 26 very little variation in heat transfer coefficient 
was observed when the gas velocity was increased. The.effect of gas 
velocity seemed to be more pronounced on the heat transfer coefficients 
measured with the upper unit than on those determined with the lower 
unit. As mentioned earlier, the particles had a tendency to stick 
to the wall. Perhaps this prevented solid movement along the transfer 
surfaces. Hence, no significant increase in the heat transfer coefficient 
was observed when the gas velocity was increased. 
In order to determine the effect of gas properties on the rate of 
heat transfer in a fluidized bed of corn starch, the experimental runs 
carried out with the corn starch nitrogen system were repeated for 
corn starch hydrogen and corn starch carbon dioxide systems. The 
apparatus and the procedure used were outlined earlier. But only one 
stirring speed was used (50 rpm). The results for the corn starch 
hydrogen and corn starch carbon dioxide systems are presented in Tables 
28 and 29 of the Appendix, respectively. In Figure 27 the heat transfer 
coefficients obtained for the corn starch nitrogen, corn starch hydrogen. 
Figure 26. Heat transfer coefficient versus reduced gas mass 
velocity for the corn starch nitrogen system 
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and corn starch carbon dioxide systems are compared. With reference to 
Figure 27 it can be said that for a given gas mass velocity the highest 
rate of heat transfer was obtained when corn starch was fluidized with 
hydrogen. The lowest rate of heat transfer (for a given velocity) was 
measured with the corn starch carbon dioxide system. This seems to 
correlate with the quality of fluidization indicated by the dimension-
less pressure drop and visual observations of the degree of fluidization. 
As it was pointed out earlier, an increase in gas velocity did 
not affect the rate of heat transfer in the corn starch nitrogen system. 
Essentially the same trends were exhibited by the corn starch carbon 
dioxide system (Figure 27). When corn starch was fluidized with 
hydrogen the heat transfer coefficient increased with increasing gas 
velocity. This was true for both transfer units (see Figure 27). How­
ever, at gas velocities above 1.4 times the incipient fluidization 
velocity, heat transfer coefficients measured with the upper section 
were larger than those determined with the lower section. This was not 
consistent with the observations made with other materials. However, 
as can be seen from Figure 27, the properties of the fluidizing gas 
had a marked effect on the rate of heat transfer in a fluidized bed of 
corn starch. 
The results obtained in this part of the investigation with Argo 
corn starch can be summarized as follows: 
a. When nitrogen or carbon dioxide was used as the fluidizing gas, 
an increase in gas velocity did not affect the rate of heat transfer 
Figure 27. Heat transfer coefficient versus reduced gas mass 
velocity for the corn starch nitrogen, corn starch 
hydrogen and corn starch carbon dioxide systems 
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significantly. But when hydrogen was used as the fluidizing gas, the 
heat transfer coefficient increased with an increase in gas velocity. 
b. Variation in stirring speed did not affect the rate of heat 
transfer in a fluidized bed of corn starch significantly. 
c. The properties of the fluidizing medium had a clear effect on 
the rate of heat transfer in a fluidized bed of corn starch. 
A set of empirical equations for predicting the heat transfer 
coefficient inua fluidized bed of Argo corn starch was developed. These 
were based on data collected in this part of the investigation. The 
procedure by which these equations were obtained was outlined in the 
section on "Method of "Calculation" under "Development of empirical 
models". These models for both upper and lower transfer sections are 
presented in Table 8. The multiple correlation coefficient, R, for 
each model is also presented in this table. Analysis of variance and 
the results of the regression analysis for corn starch data are presented 
in Tables 46 to 49 of the Appendix. 
Table 8. Empirical models for corn starch 
Empirical models for lower Empirical models for upper 
transfer section transfer section 
R=0.950 R=0.971 
h = 471.900[y°'GT9k0'TG2u0'T63| 
h = 0.584[yO'GIS ^0.436^0.191] 
h = 924.000[v0'3TSk0.238^0.230] 
h = 0.670[v0"3TS;0.6332,0.281 j 
127 
With reference to Table 8 it appears that the heat transfer coefficients 
measured with the upper unit were more dependent upon gas velocity 
than the coefficients measured with the lower unit. The same observa­
tion was made for pure wheat flour (see Table 6). 
In Figure 28 the following model for the lower transfer section is 
shown : 
h = 96.55 yO.315^0.374 
.0.160 
S 
The corresponding model for the upper section is shown in Figure 29. 
Data collected with hydrogen show some scatter. This is more pronounced 
in the case of the lower section. Other models for corn starch are not 
graphically illustrated because they were similar to those shown in 
Figures 28 and 29. With reference to the multiple correlation coef­
ficients, R, shown in Table 8 it can be concluded that the empirical 
models fit the data rather well. 
It should be pointed out that the development of these empirical 
models was based on the experimental data collected in this part of 
the investigation. Hence, their utility is limited to pure Argo corn 
starch, the fluidizing gases used, and the apparatus and experimental 
conditions described. 
I 
Figure 28. Correlation of data of the heat transfer coefficient for 
corn starch, lower transfer unit. 
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Figure 29. Correlation of data of the heat transfer coefficient for 
corn starch, upper transfer unit 
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Flour Cab-O-Sil 
The main purpose of this part of the investigation was to determine 
the effect on the rate of heat transfer of an addition of a small amount 
of Cab-O-Sil (1%) to a bed of flour. Cab-O-Sil as mentioned previously 
is a finely divided silica which has a tendency to coat particles, 
such as flour. This coating seems to reduce the degree of cohesiveness 
of the material. The mixture was prepared according to the method 
outlined in an earlier section on "Fluidized particles". The effects 
of the following parameters on the rate of heat transfer in a fluidized 
bed of flour and 1 wt. % Cab-O-Sil were investigated: superficial gas 
velocity, stirring speed, and the properties of the fluidizing gases. 
Superficial gas velocity ranged from 0.056 to 0.490 ft./sec. The stirring 
speed ranged from 0 to 100 rpm. Nitrogen, hydrogen, and carbon dioxide 
were used as the fluidizing gases. A static bed depth of 26.5 in. was 
used during this part of the investigation. Each fluidizing gas was 
humidified (see Procedure section). The bed was conditioned prior to 
the experimentation by the method discussed in the Procedure section. 
The relative humidity of the gas and the moisture content of the bed 
were determined (see "Method of Calculation") and were presented in 
Tables 1 and 2, respectively. The experimental runs were identical to 
those carried out for pure flour and corn starch. Namely, a series of 
runs were made in which for a given stirring speed, gas velocity was 
increased in a step-wise manner. Then these runs were repeated for other 
stirring speeds. The heat transfer measurements were made according to 
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the method presented in the Procedure section. Heat was supplied to the 
column by the lower transfer unit and removed by the upper unit. All 
the runs were carried out in:the 6 in. diameter fluidization column 
described earlier at room temperature and pressure. 
When this mixture of flour and Cab-O-Sil was fluidized with nitrogen, 
the bed circulation appeared to be more rapid and more extensive than 
with flour. Solid particles in the vicinity of the wall moved in 
circular patterns; however, there was a net motion downward. The 
mixture fluidized well without stirring under all conditions of gas 
velocity used. The bed did not show any tendency to channel even at the 
lowest gas velocities used. Stirring did not seem to have any effect 
on the general behavior of the bed. 
When hydrogen was used as the fluidizing gas, rising bubbles 
appeared along the wall of the column (these bubbles were not present 
when nitrogen was used). As the gas velocity was increased these 
bubbles grew in size and the bed as a whole had the appearance of a boil­
ing liquid. The bed fluidized quite well without stirring and no 
channeling was observed even at low gas velocities. Here again, stirring 
did not seem to change the behavior of the bed. 
With carbon dioxide the fluidized bed of flour and Cab-O-Sil 
exhibited behavior similar to that observed with nitrogen. 
The incipient fluidization velocity was determined by the method 
outlined in the Procedure section. This was determined for each of 
the three fluidizing gases. The stirring speeds used for each gas are 
given in Table 3. Figure 30 shows plots of the dimensionless pressure 
134 
drop versus the superficial gas velocity for the flour Cab-O-Sil nitrogen, 
flour Cab-O-Sil hydrogen, and flour Cab-O-Sil carbon dioxide systems 
with stirring at 50 rpm. Other plots similar to these for the other 
stirring speeds are not shown graphically. However, for all stirring 
speeds investigated, the incipient fluidization velocity, the limiting 
dimensionless pressure drop and the superficial gas velocity at which 
the dimensionless pressure drop reached a constant value are presented 
in Table 9. 
Table 9. Fluidization parameters for a mixture of flour and Cab-O-Sil 
Gas stirring 
speed, 
rpm 
Incipient 
fluid, vel. 
ft./sec. 
Limiting 
Ap . 
M/S^ 
VL 
ft./sec. 
"2 0 0.032 
1 
0.942 0.100 
"2 25 0.032 0.934 0.094 
"2 50 0.028 0.925 0.115 
"2 100 0.031 0.940 0.092 
"2 0 0.040 0.916 0.300 
"2 50 0.039 0.900 0.300 
"2 100 0.050 0.904 0.300 
COg 0 0.024 0.950 0.106 
C
M
 
S
 50 0.023 0.950 0.085 , 
COg 100 0.024 0.950 0.080 
Figure 30. Dimensionless pressure drop versus superficial gas velocity 
A. Flour Cab-O-Sil nitrogen system 
B Flour Cab-O-Sil hydrogen system 
C Flour Cab-O-Sil carbon dioxide system 
DimtmionlMS Piwur» Or<*p 
G 
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As shown in Figure 30, the curves exhibited the usual two regions, 
namely, fixed and fluidized bed regions. In general, however, the 
shape of these curves was somewhat different than those obtained with 
pure flour for the same conditions (compare Figure 30 with Figure 19). 
In the present case, the pressure drop across the bed seemed to 
increase to a maximum, fall slightly and then level off. This hump in 
the dimensionless pressure drop versus superficial gas velocity curve 
was not observed with pure flour. For a given fluidizing gas and 
identical conditions, the incipient fluidization velocity obtained with 
the mixture of flour and Cab-O-Sil was much smaller than the value 
obtained with pure flour. Similarly, the limiting dimensionless pres­
sure drop was higher in the case of flour and Cab-O-Sil. This seems to 
indicate that the mixture of flour and Cab-O-Sil fluidized more readily 
than pure flour. 
An overall bed density and an apparent bed density were calculated 
for each gas velocity. The apparent bed density within each transfer 
unit was also calculated. The procedure by which these values were 
obtained was outlined in the section on "Method of Calculation". Values 
of bed densities for various conditions of gas velocity are given in 
Tables 32 to 41 of the Appendix. 
Two types of runs were used to measure the heat transfer coefficients 
in a fluidized bed of flour and Cab-O-Sil. In one type of run the 
fluidized bed was stirred. In the other type of run no mechanical 
agitation was used. In both cases the gas velocity was increased in a 
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step-wise fashion while all other system parameters were kept constant. 
All the runs were performed according to the procedure outlined 
previously. The range of gas velocity and stirring speed used for each 
fluidizing gas are summarized in Table 3. During all the experimental 
runs made in this part of the investigation, the longitudinal temperature 
variation in the bed and along the inner walls of the transfer units 
were quite small. At the lowest gas velocities used (see Table 3) the 
difference in temperature readings provided by the two thermocouples 
inserted in the bed (see Figure 3) did not exceed 1°F. The temperature 
difference between top and bottom of each transfer unit also did not 
exceed 1°F at the lowest gas velocities used. All the data are 
presented in Tables 32 to 41 of the Appendix. 
In order to determine the effect of stirring on the rate of heat 
transfer in a fluidized bed of flour and Cab-O-Sil, a regression analysis 
was made on the data collected with nitrogen (Tables 32 to 35 of the 
Appendix) for various stirring speeds (0, 25, 50, 100 rpm). The result 
showed that for the conditions specified above, stirring had a signifi­
cant effect on the rate of heat transfer in the lower section, but the 
effect of stirring was not significant for the upper section. An 
examination of the data (Tables 32 to 35 of the Appendix) revealed 
that the largest variation in heat transfer coefficients, measured at 
various speeds, occurred at the lowest gas velocity used (0.056 ft./sec.). 
Hence another regression analysis was made, this time excluding the 
heat transfer coefficients determined at the above gas velocity. The 
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result of this analysis showed that stirring had no significant effect 
on the rate of heat transfer in either section. The results of these 
regression analysis are presented in Table 68 of the Appendix. 
In order to determine the effect of gas properties on the rate of 
heat transfer in^aifluidized bed of flour and Cab-O-Sil, as mentioned 
previously, experiments were carried out with hydrogen and with carbon 
dioxide. These runs were made according to the procedure and experi­
mental conditions outlined above. Although the results obtained when 
nitrogen was used as the fluidizing gas showed that stirring had no 
effect (for gas velocities above 0.056 ft./sec.) on the rate of heat 
transfer, for the sake of completeness, three stirring speeds (0, 50, 
100 rpm) were used in this part of the investigation with each gas. 
The results of the measurements made with hydrogen are presented in 
Tables 36 to 38 of the Appendix. The results obtained with carbon 
dioxide are tabulated in Tables 39 to 41 of the Appendix. 
Separate regression analyses were made of the data collected with 
hydrogen and with carbon dioxide to find out whether stirring had a 
significant effect on the rate of heat transfer when these gases were 
used. The results showed that stirring had no significant effect. The 
results of the regression analysis are shown in Table 69 of the Appendix. 
In Figure 31 the heat transfer coefficient, h, is shown as a 
function of superficial gas velocity for all three fluidizing gases for 
a stirring speed of 50 rpm. From this graph the heat transfer 
Figure 31. Heat transfer coefficient versus superficial gas velocity 
for the flour Cab-O-Sil nitrogen, flour Cab-O-Sil 
hydrogen, and flour Cab-O-Sil carbon dioxide systems 
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coefficients obtained with nitrogen can be compared with those determined 
with carbon dioxide. It appears that for a given gas velocity the 
heat transfer coefficient obtained with nitrogen was higher than the 
coefficient obtained with carbon dioxide. From this graph a comparison 
between all three gases is rather difficult. Due to the equipment 
limitations, which were discussed in a previous section on "pure wheat 
flour", higher gas velocities for nitrogen and carbon dioxide were 
not used. The heat transfer coefficient, h, is shown in Figure 32 as 
a function of the fluidization index, G/G^^ (reduced gas mass velocity) 
for all the fluidizing gases. From Figure 32, it can be seen that the 
properties of the fluidizing gas had a definite effect on the rate of 
heat transfer in a fluidized bed of flour and Cab-O-Sil. For the same 
value of reduced gas mass velocity (G/G^^) fluidization with hydrogen 
appeared to produce the highest rate of heat exchange between the wall 
and the fluidized bed of flour and Cab-O-Sil. 
With nitrogen as the fluidizing gas, the gas velocity had a 
noticeable effect on the heat transfer coefficient measured with the 
lower unit (Figure 32 A) when the fluidization index was less than 5. 
In all cases increasing the fluidization index (G/G^^) from 1 to 5 
resulted in an increase in the heat transfer coefficient. Further 
increase in the fluidization index did not cause the heat transfer 
coefficient to increase. In fact, for values of the fluidization index 
(G/Gmf) larger than 6, the heat transfer coefficient seemed to decrease. 
Figure 32. Heat transfer coefficient versus reduced gas mass velocity 
, A. Flour Cab-O-Sil nitrogen system 
B. Flour Cab-O-Sil hydrogen system 
C. Flour Cab-O-Sil carbon dioxide system 
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When carbon dioxide was used as the fluidizing gas the heat transfer 
coefficients measured with the lower unit showed the same trends as 
those observed with nitrogen (Figure 32 C). 
When the bed was fluidized with hydrogen, increasing the fluidiza-
tion index (G/G^^) from 1 to 7 caused the heat transfer coefficient 
measured with the lower unit to increase. Further increase in the 
fluidization index resulted in a lower value of the heat transfer 
coefficient (Figure 28 B). 
The heat transfer coefficients determined with the upper unit 
increased with an increase in gas velocity for the entire range of 
the fluidization index investigated. This was true for all three 
fluidizing gases. 
The results obtained with the lower transfer section are consistent 
with those reported by Williams and Smith (48). They investigated the 
rate of heat transfer in a mechanically stirred gas-solids fluidized 
system. Their fluidization column was similar in geometry to that 
used in the present investigation. However, only one transfer unit 
was used. This unit was 13 in. long and was located 7 in. above the 
gas distributed plate (almost identical to the location of the lower 
transfer unit used in the present work). For a glass beads system, 
their results showed that for values of the fluidization index (G/G^^) 
less than 4, the heat transfer coefficient increased when the gas 
velocity was Increased. However, for values of the fluidization index 
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larger than 4, an increase in gas velocity did not have a marked effect 
on the rate of heat transfer. 
Comparison between Figures 22 and 32 reveals that for a given 
fluidizing gas and a given gas velocity, the heat transfer coefficient 
measured in a fluidized bed of flour and Cab-O-Sil is much higher than 
the coefficient measured in a fluidized bed of pure flour. Thus it 
can be concluded that the addition of a small amount of Cab-O-Sil 
(1 wt. %) to pure flour caused the quality of fluidization, as measured 
by the heat transfer coefficient, to improve considerably. 
In summary, the results obtained in this part of the investiga­
tion showed the following: 
a. The rate of heat transfer in a fluidized bed of flour and 1 wt. 
% Cab-O-Sil was much higher than the rate of heat transfer in a 
fluidized bed of flour. 
b. In general, the heat transfer coefficient increased when the 
gas velocity was increased. The effect of gas velocity, however, was 
more pronounced for the upper transfer section. 
c. Mechanical stirring of the bed did not have a significant 
effect on the rate of heat transfer. 
d. Properties of the fluidizing gas had a marked effect on the 
rate of heat transfer. 
Based on the data collected during the part of the investigation 
with a mixture of flour and Cab-O-Sil, a set of empirical equations were 
found for predicting the heat transfer coefficient. These empirical 
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models are presented in Table 10. The procedure which led to the 
development of these models was outlined in the section on "Development 
of empirical models". The multiple correlation coefficient for each 
model is also given in Table 10. Analysis of variance associated 
with the data are presented in Tables 50 to 53 of the Appendix. In 
Figure 33 the observed values of the heat transfer coefficient, h 
(measured with the lower unit), are plotted against the predicted 
values calculated by the following empirical model: 
Figure 34 shows a similar plot for the upper transfer unit. The pre­
dicted values on this plot were calculated by the following models 
Such plots for the other models in Table 10 are not shown due to the 
similarity in their appearance to those in Figures 33 and 34. 
Data points seem to be equally distributed on both side of the 45° 
line (Figures 33 and 34). However, data points obtained with hydrogen 
gas are more scattered than the other data points. As it was pointed 
out earlier, the heat transfer coefficients measured with the upper unit 
appeared to be more dependent upon the gas velocity, than the 
h = 87.01 yO.063^0.312 
0.095 
u 
Figure 33. Predicted values of heat transfer coefficient versus 
observed values for the lower transfer section 
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Figure 34. Predicted values of heat transfer coefficient versus 
observed values for the upper transfer section 
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Table 10. Empirical models for a mixture of flour and Cab-O-Sil 
coefficients measured with the lower unit. This can also be seen by 
comparing the velocity exponents in the two sets of models. This 
exponent is much larger in the models for the upper unit. 
Since the multiple correlation coefficients for these empirical 
equations were quite high (see Table 10), it can be concluded that 
these expressions fit the data quite well. 
Since these empirical equations are based on the data collected 
in this part of the investigation, their utility is limited to a 
mixture of flour and Cab-O-Sil (1 wt. %), the fluidizing gases used and 
the apparatus and experimental conditions described. 
Comparison of flour, starch, and a mixture of flour and Cab-O-Sil 
In the case of free-flowing materials the interparticle forces are 
small compared with the gravitational force (2). To fluidize materials 
of this kind, the force exerted by the gas on a particle must only 
Empirical models for 
lower transfer section 
Empirical models for 
upper transfer section 
R=0.986 R=0.989 
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overcome the gravitational force. However, if the material is cohesive 
the attraction between particles is significant. To fluidize, the 
particles must first be separated, then suspended. Thus the force 
exerted by the gas on the particles must be at least equal to the sum 
of the gravitational and interparticle forces (2). From this simplified 
model it can be visualized that if particles are highly cohesive the 
fluidizing gas passes through the gaps in the bed and consequently 
stable channels are formed which prevent uniform fluidization. However, 
if the interparticle forces are small the gas channels will not be 
stable and they will transform into bubbles. These bubbles move upward 
through the bed and cause the bed circulation (2, 29). 
Angle of repose serves as an index of the cohesiveness of a material. 
The angle or repose, as stated in a previous section, is defined as the 
angle formed between the sides of a pile and the horizontal plane when 
granular solids rest freely on the pile. The angle of repose of each 
of the solid particles used in this investigation was measured using the 
apparatus and the procedure discussed in the Procedure section under 
"Determination of angle of repose". These values were presented in 
Table 2. For easy reference, the angle of repose for corn starch, pure 
flour and a mixture of flour and 1 wt. % Cab-O-Sil are again presented 
in Table 11. The limiting dimensionless pressure drop for various gas-
solid systems are also presented in this table. 
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Table 11. Angle of repose and limiting dimensionless pressure drop 
Material Angle of repose, degree Limiting dimensionless 
pressure drop 
Ng Hg COg 
Corn starch 90.0 0.660 0.822 0.620 
Pure flour 65.9 0.850 0.793 0.770 
Flour and 57.6 0.925 0.900 0.950 
Cab-O-Si1 
Using the angle of repose as a measure of cohesiveness, starch 
seemed to be more cohesive than the other materials used. Pure flour 
had a much smaller angle of repose and appeared to be more free-
flowing than starch. Addition of a small amount of Cab-O-Sil (1 wt. %) 
to flour seemed to improve the fluidity of the flour quite significantly. 
As it was shown in-Figure 14, the finely divided Cab-O-Sil seemed to 
coat the surface of the flour particles and thereby reduced the 
attraction between them. This caused the mixture as a whole to become 
more free-flowing than pure flour. 
The results of this investigation showed the limiting dimensionless 
pressure drop, in general, to be inversely proportional to the angle 
of repose (Table 11). This was true for pressure drop measurements 
made with all the gas-solid systems investigated with the exception of 
one system. The deviation occurred in the case of the starch hydrogen 
system which gave a slightly higher limiting pressure drop across the 
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bed than the value obtained with the flour hydrogen system. This was 
unexpected. 
The heat transfer coefficients measured in the experimental work 
with flour, a mixture of flour and Cab-O-Sil, and corn starch are 
compared in Figures 35 to 37. In each graph the heat transfer coefficient 
is plotted against superficial gas velocity for a given fluidizing gas. 
From these graphs, it can be concluded that the heat transfer coefficient 
measured in a fluidized bed of flour and 1 wt. % Cab-O-Sil was greater 
than the coefficientcmeasured in a fluidized bed of pure flour or corn 
starch. This was true for both transfer units and all conditions of 
gas velocity investigated. The heat transfer coefficients measured in 
a fluidized bed of corn starch, in general, gave the lowest value for the 
conditions studied. When nitrogen was used as the fluiding gas, at low 
gas velocities some overlapping between heat transfer coefficients 
for flour and starch was observed (see Figure 37). Based on these 
observations, it can be concluded that the rate of heat transfer in a 
fluidized bed is inversely proportional to the angle of repose of the 
bed material. 
In summary, from the results obtained in this investigation the 
quality of fluidization can be described in terms of the limiting 
dimensionless pressure drop and the heat transfer coefficient. Thus 
with reference to Table 11 and Figures 35 to 37 it can be concluded that 
the rate of heat transfer in a fluidized bed is inversely proportional 
to the angle of repose of the bed material. 
Figure 35. Comparison between the heat transfer coefficients 
obtained for the flour Cab-O-Sil carbon dioxide, 
flour carbon dioxide and the corn starch carbon 
dioxide systems 
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Figure 36. Comparison between the heat transfer coefficients 
obtained for the flour Cab-O-Sil hydrogen, flour 
hydrogen and corn starch hydrogen systems 
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Figure 37. Comparison between the heat transfer coefficients obtained 
for the flour Cab-O-Sil nitrogen, flour nitrogen, and corn 
starch nitrogen systems. 
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In summary, from the results obtained in this investigation the 
quality of fluidization can be described in terms of the limiting 
dimensionless pressure drop and the heat transfer coefficient. Thus 
with reference to Table 11 and Figures 35 to 37 it can be concluded 
that a higher quality of fluidization was achieved when the bed 
material had a small angle of repose. 
Theoretical Model 
A simple theoretical model developed by Levenspiel and Walton (34) 
was tested to see how well it fit the data obtained in this investiga­
tion. A number of other theoretical models have also been proposed 
(4, 10, 13, 37, 38, 44). However, due to the complex nature of the 
heat transfer mechanism in a fluidized bed these models are rather 
involved and in the majority of cases contain parameters which are not 
readily obtainable. The model proposed by Levenspiel and Walton (34) 
was chosen because it contained variables which were measured during 
this investigation. 
The theoretical model is based on the concept of film theory (34). 
It is assumed that the resistance to heat flow between the container 
wall and the fluidized bed is due to a laminar layer of gas which forms 
at the inner column wall. Furthermore, the thickness of this layer 
is reduced by the continuous motion of the particles. 
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To obtain a simple mathematical solution to the problem the follow­
ing simplifying assumptions were made (34): 
a. The main body of the fluidized bed is at 
uniform temperature 
b. The fluidized solid is composed of uniform 
spheres of diameter. Dp 
c. The solid particles are considered as stationary 
particles arranged in equally spaced horizontal 
layers, each layer consisting of as many spheres 
as can be accommodated. The distance between two 
successive layers, D , increases as the bed 
expands. 
d. The boundary-layer formation at the tube wall of 
a fluidized bed is similar to that for a flat 
plate, where for streamline flow 
• • ' kT' 
^  = 5 1 — 1  
5  t l ]  
forfxGI <5 X 10* 
'[f] 
At points of contact with stationary solids the 
boundary layer is destroyed and between such 
contact points it is reformed. 
e. Resistance to heat transfer is due exclusively 
to the resistance of the boundary layer. 
Since heat was assumed to be transferred across the laminar layer 
by conduction, the heat transfer coefficient is given by 
h = k 
y+ [2] 
where y+ is the average boundary-layer thickness. 
The average thickness of the boundary layer where the beads are in 
contact with the wall is illustrated in Figure 38. With reference to 
this figure (the shaded area) it can be seen that the average thickness 
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of the laminar layer at bead level, yQ, is given by equation [3]. 
Vq = t [°P " = 0.1073 Dp [3] 
0 P 
Figure 38. Laminar layer thickness at bead surface (34) 
The thickness of the laminar layer between successive layers is 
shown in Figure 39. represents the height of the rectangular 
2 parallelepiped which has a cross sectional area of Dp. It was assumed 
that in the postulated fluidized bed, on the average, the volume of 
this parallelepiped contains one particle. This might very well be 
the situation in the actual bed (34). Thus the fraction solids in the 
rectangular parallelepiped is given by 
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1 -
"pOp 
or (Dp) 
6 (1 -G) 
[4] 
Figure 39. Laminar-layer thickness between successive bead layers (34). 
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The shaded area in Figure 38 represents the laminar layer next to the 
wall. The average thickness of this layer was found by dividing the area 
of the shaded portion by D^, thus 
y dx 
[5] 
Rewriting equation [1] in the following form 
y  =  k ,  X - ®  [ 6 ]  
where k^= 5 [7] 
and combining equations [4] and [6] with equation [5] one obtains 
/ - "v^o 
1 ...5 dx 
ïïDp/6(l-e) [83 
Integration of equation [8] and evaluation of the limits XQ and x-J from 
equations [3] and [6] will give the following results 
/ .  ^  [ f ,  - p p j ]  .  
m ro.10730.1 
L e t t i n g  «  = | — — M  
and combining equations [4] and [7] one gets 
• 5 
L M _ 
[10] 
[11] œ = 0.041 (1-e) 
Combining equations [7] and [10] with equation [9] will result in the follow­
ing expression _ .5 
Y [12] 
» I 
where y = [(l+«^) 3/2 [13] 
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Substituting equation [12] in equation [2] the final expression for h 
is obtained 
Levenspiel and Walton (34) compared the above theoretical equation 
with their experimental data obtained with fluidized beds of glass beads, 
Sovabead, Houdry catalyst, and Utah coal. Air was used as the fluid-
izing gas. Their data were slightly lower than those predicted by 
equation [14]. However, by changing the values of the coefficient 
and the exponent in equation [14] to 0.4 and 0.3, respectively, good 
agreement between predicted and experimental data was obtained. Similarly 
with the modification of the coefficient and the exponent they correlated 
the experimental data of Mickley and Trilling (39) and Dow and Jacob (20) 
by equation [14]. Although some of the postulates upon which equation 
[14] is based may need refinement, the general functional relationship 
exhibited by the model seems to be valid. This suggests that the heat 
transfer mechanism as visualized by Levenspiel and Walton (34) is 
adequate. 
The value ofy, given by equation [13], for most cases can be 
considered to be 1. Thus for all practical purposes this item can be 
dropped from equation [14]. Therefore, this equation can be written in 
the following generalized form. 
k 
0.3 
Y 
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The data obtained in the present work were correlated by equation [15]. 
Using the linear multiple regression analysis program of the Computation 
Center, Iowa State University, the values for ='and 3'for different 
materials were determined. These are presented in Table 12. In addition 
the multiple correlation coefficients, R, for various cases are also 
shown in Table 12. The analysis of variance associated with the 
regression analysis of the dimension groups (equation [15]) for various 
materials are given in tables 54 to 57 of the Appendix. 
Table 12. Values for constants («=' ,3') and multiple correlation 
coefficients for various materials 
Lower transfer section Upper transfer section 
Material œ' 3' R =' 3' R 
Glass beads 1. .36 0.54 0.956 0.93 0.46 0.965 
F1 our 0, .55 0.74 0.978 0.36 0.68 0.959 
Corn starch 0. .29 0.79 0.908 0.20 0.70 0.923 
Flour & 
Cab-O-Sil 1, .76 0.74 0.875 1.26 0.74 0.897 
The values of='and 3 ' for glass beads (Table 12) are quite similar 
to those reported for Mickley and Trilling data on glass beads (39). 
These values are compared below. 
Mickley and Trilling data Data from present investigation 
1.20 1.36 
3 '  0.44 0.54 
Figure 40. Dimensionless plot of (hD /k) versus (D G/u) for 
glass beads air system, lower transfer unit 
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Figure 41. Dimensionless plot of (hD /k) versus (D G/14) for glass 
beads air system, upper transfer unit 
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Figure 42. Dimensionless plot of (hD /k) versus (D G/y ) for pure 
flour, lower transfer unit 
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Figure 43. Dimensionless plot of (hD /k) versus (D G/y) for pure 
flour, upper transfer unit 
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Figure 44. Dimensionless plot of (hD /k) versus (D G/y) for corn 
starch, lower transfer unit 
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Figure 45. Dimension!ess plot of (hD^/k) versus (D^G/u) for corn 
starch, upper transfer unit 
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Figure 46. Dimensionless plot of (hD^/k) versus (D^G/vi) for a 
mixture of flour and Cab-O-Sil, lower transfer unit 
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Figure 47. Dimensionless plot of (hD«/k) versus (D„G/y) for a 
mixture of flour and Cab-O-Sil, upper transfer unit 
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There is very little variation between the values of 3' for flour, 
starch, and the mixture of flour and Cab-O-Sil. But there is noticeable 
difference between the values of <=• (Table 12). 
Figures 40 through 47 are plots of log (hD^/k) versus log (D^G/y) for 
the various materials investigated in this work. Data on glass beads and 
flour correlated quite well with the theoretical equations (Figures 40 to 
43). In the cases of starch and the mixture of flour and Cab-O-Sil 
experimental points are somewhat scattered on both sides of the prediction 
lines (Figures 44 to 47). In general, however, there is good agreement 
between the theory and the experimental data. 
Modification of the Theoretical Model 
An attempt was made to correlate all the data on flour, starch, and the 
mixture of flour and Cab-O-Sil by equation [15] presented in the previous 
section. This, however, was not successful. As discussed earlier the flow 
characteristics of these materials in the fluidized bed varied quite ex­
tensively. This was probably due to difference in the degree of cohesive-
ness among these materials as measured by their angle of repose. Equation 
[15] does not contain a term to account for this factor. And perhaps be­
cause of this a satisfactory correlation of all the data by this equation 
was not possible. Therefore, the theoretical model (equation [15]) was 
modified by incorporating the angle of repose. The new model was of the 
following form: 
hD_ D^G e' 
where ij) is the angle of repose. Here again the multiple regression analysis 
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program of the Computation Center was used to evaluate <=', 3'» and y' for 
each transfer section. 
All the data obtained with the lower transfer section correlated by 
= 1.464x10® [17] 
and those measured with the upper section by 
315X10' 
For lower transfer unit data the multiple correlation coefficient, R, was 
equal to 0.944, and for data from the upper transfer section the multiple 
correlation coefficient was equal to 8.839^ The anafysis of variance 
associated with the regression analysis are shown in Tables 58 to 59 of 
the Appendix. 
In Figures 48 and 49, predicted values of (hoyk) are plotted against 
the observed values for the lower and upper transfer sections, respectively. 
Data obtained with nitrogen and carbon dioxide are somewhat scattered. 
But in general there seem to be reasonably good agreement between predicted 
and observed values. 
The above modified equations are based on the data collected with 
pure wheat flour, Argo corn starch, and a mixture of flour and Cab-O-Sil. 
Thus their utility is limited to the above materials, the fluidizing 
gases used, and the apparatus and procedures described in earlier sections. 
The close agreement between the theory and the experimental data, as 
illustrated by Figures 48 and 49, seems to suggest that the mechanism of 
heat transfer as visualized by Levenspiel and Walton (34) is essentially 
correct. 
Figure 48. (hD^/k) predicted versus (hD^/k) observed, lower transfer 
unit 
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CONCLUSIONS 
The following conclusions were derived based on the results of the 
experimental study conducted on gas-solid systems to determine the effects 
of various parameters on the heat transfer coefficient between the con­
tainer wall and the fluidized bed. 
1. The location of the transfer surface (with respect to the gas 
distributor plate) had a definite effect on the rate of heat transfer 
in fluidized beds of glass beads, flour, starch, and a mixture of flour 
and Cab-O-Sil. The heat transfer coefficients were higher near the gas 
distributor plate than near the upper surface of the bed. The longi­
tudinal variation in bed density was not great enough to account for the 
variation in the heat transfer coefficient. Therefore, some other 
phenomenon must be involved. 
2. The properties of the fluidizing gas had a pronounced effect 
on the rate of heat transfer. 
3. Stirring did not have a significant effect on the heat transfer 
rate for either the case where fluidization could be achieved by aeration 
alone or for the case where eôtnbined'action of aeration arid stirrlng'was 
required to fluidize the bed. 
4. For a given fluidizing gas, the rate of heat transfer between 
the wall and the bed was inversely proportional to the angle of repose 
of the solid material to a large power (see equations [17] and [18]). 
5. The rate of heat transfer in a fluidized bed of flour containing 
1 wt. % Cab-O-Sil is much higher than the rate of heat transfer in a 
fluidized bed of pure flour. 
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6. In general the heat transfer coefficient seemed to increase as 
the gas velocity was increased. However, for all cases studied, the gas 
velocity had a more pronounced effect on the heat transfer coefficients 
measured in the upper region of the bed than on those obtained in the 
lower region. 
7. The empirical models presented in Tables 6, 8, and 10 were found 
to fit the data on flour, starch, and the mixture of flour and Cab-O-Sil, 
respectively. 
8. The theoretical model, equation [15], which was proposed by 
Lavensplel and Walton (34) fits all the data obtained in this investi­
gation quite well. «' and g' had to be determined by experiment for 
each material. 
9. Incorporating the angle of repose into the above theoretical 
model resulted in an equation which fits all the data on flour, starch, 
and the mixture of flour and Cab-O-Sil reasonably well. 
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RECOMMENDATIONS 
In the light of the experience gained in this investigation, the 
following recommendations are in order: 
1. The empirical equations found in this investigation are quite 
limited in utility. For design purposes the development of more general 
equations is desirable. To do this the following are suggested. 
a. The limitations on the equipment should be removed 
so that a higher range of gas velocities could be explored. 
b. Different kinds of flour and starch should be studied. 
c. The effect of gas properties on the rate of heat 
transfer should be further explored. 
d. The effect of the geometry of the fluidization column 
and bed dimensions on the rate of heat transfer should be 
determined. 
e. The effect of the moisture content of the bed material 
on the rate of heat transfer should be studied. 
2. In order to gain insight into the mechanism of heat transfer 
in a fluidized bed of cohesive materials, such as flour and starch, a 
knowledge of the residence time of the particles along the transfer 
surface is required. Thus the present apparatus should be modified to 
facilitate the measurement of this parameter. One method for doing this 
would be to fluidize these materials in a geometrically similar column 
in which the copper sections are replaced by transparent surfaces. 
Then high speed motion pictures of the particles can be taken. Inter­
pretation of these motion picture records could give an estimate of 
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the residence time of the particles along the appropriate sections 
the column. 
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APPENDIX 
Table 13. Heat transfer data for fluidized glass beads without stirring, heating section on bottom 
F l u x 9 h I  
Run Gas velocity Overall Ave. Wall temp, BTU/(hr)(ft ) BTU/{hr)(ft )(°F) 
No. rr bed bed 
ft./sec. ^ density temp Heating Cooling Lower Upper Lower Upper 
(ft )(hr) lb/ft3 °F Sec. Sec. Sec. Sec. 
1 0.058 20.79 90.93 76.0 84.1 67.0 211 177 26.0 19.7 
2 0.085 30.74 88.00 76.8 83.0 68.1 309 258 49.9 29.7 
3 0.127 46.08 86.60 76.5 82.8 68.3 337 284 53.7 34.8 
4 0.170 61.47 85.27 76.0 82.4 68.8 356 303 55.4 42.0 
5 0.191 69.15 83.93 77.0 82.6 69.0 356 298 63.6 37.3 
6 0.212 76.83 82.66 73.0 82.4 69.1 363 316 66.9 39.9 
7 0.234 84.52 81.43 76.0 81.9 68.6 372 310 62.7 41.9 
8 0.255 92.20 80.24 76.0 82.0 69.0 372 319 61.9 45.8 
Table 14. Heat transfer data for fluidized glass beads with stirring at 10 rpm, heating section 
on bottom 
Flux _ h , 
Wall temp, °F BTU/(hr)(ft2) BTU/(hr)(ft2)(°F) 
Heating Cooling Lower Upper Lower Upper 
Sec. Sec. Sec. Sec. 
1 0.058 20.79 90.93 75.0 83.9 66.1 177 152 20.0 17.0 
2 0.085 30.74 88.00 76.0 82.5 67.2 292 239 45.0 27.3 
3 0.127 46.08 86.60 75.7 81.9 67.4 328 270 53.1 32.6 
4 0.170 61.47 85.26 75.5 81.8 67.8 344 293 54.2 38.2 
5 0.212 76.83 82.66 76.0 81.7 68.1 363 302 64.0 38.3 
6 0.255 92.20 80.24 75.0 81.2 68.1 372 310 60.2 44.8 
Run Gas velocity Overall Ave. 
ft/sec. Ib^ d%sity temp 
(fr)(hr) lb/ft3 °F 
Table 15. Heat transfer data for fluidized glass beads without stirring, heating section on too 
FTLÏX « FT" % 
Run Gas velocity Overall Ave. Wall temp, °F BTU/(hr)(ft ) BTU/{hr)(ft )(°F) 
No. ft/spc Th bed bed 
' ' — density temp Heating Cooling Lower Upper Lower Upper 
(ft )(hr) lb/ft3 °F Sec. Sec. Sec. Sec. 
1 0.058 20.79 90.93 78.5 85.7 68.2 106.5 123.9 10.4 17.2 
2 0.085 30.74 88.00 71.0 81.4 66.6 231.3 239.7 52.9 23.0 
3 0.127 46.08 86.60 73.1 82.5 68.5 266.8 274.0 57.6 29.2 
4 0.170 61.47 85.27 74.5 83.3 69.4 279.7 318.5 58.7 36.0 
5 0.212 76.83 82.66 75.0 82.8 70.3 303.4 318.5 65.0 40.7 
6 0.255 92.20 80.24 75.5 82.8 70.9 303.4 327.6 65.5 44.7 
Table 16. Heat transfer data for fluidized glass beads with stirring at 100 rpm, heating section 
on top 
Flux 9 h 9 
Run Gas velocity Ave. Ave. Wall temp, °F BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
No. -jh bed bed 
ft./sec. -—97-—, density temp Heating Cooling Lower Upper Lower Upper (ft«)(hr) ib/ft3 *F Sec. Sec. Sec. Sec. 
1 0.058 20.79 90.17 72.6 83.7 66.7 96.1 178.1 16.3 16.0 
2 0.085 30.74 88.71 73.0 83.6 67.9 216.3 233.9 42.4 22.1 
3 0.127 46.08 87.29 73.0 82.6 68.1 259.9 269.0 53.0 28.0 
4 0.170 61.47 85.91 73.Q 82.6 68.3 285.9 316.4 60.8 33.0 
5 0.212 76.83 83.93 73.1 81.9 68.3 304.2 330.2 63.4 37.5 
6 0.255 92.20 82.66 73.1 81.9 67.9 338.7 354.2 65.1 40.2 
Table 17. Heat transfer data for fluidized glass beads without stirring, 
heating section on top (L=29.5 in.) 
Run Gas velocity Overall bed , 
density lb/ft 
Bed density in heat 
transfer'sections 
No. 
Ft/sec. 
it) o 
. (hr)(ft2) 
upper. 
Ib/ff^ 
l
l
 
1 0.058 20.79 89.43 80.16 85.78 
2 0.085 30.74 86.60 85.27 84.75 
3 0.127 46.08 84.58 86.80 83.73 
4 0.170 61.47 83.93 86.80 82.20 
5 0.212 76.83 83.73 85.27 80.67 
6 0.255 92.20 80.23 84.24 80.67 
206 
Flux 9 h 9 
Ave, wall temp. °F BTU/(hr)(fr) BTU/(hr)(ft')(°F) 
Heating Cooling Lower Upper Lower Upper 
Sec. Sec. Sec. Sec. Sec. Sec. 
73.1 84.0 64.2 66 113 7.4 10.3 
73.0 82.7 65.7 213 213 29.2 22.0 
72.7 82.3 66.0 246 246 36.7 25.6 
72.6 81.8 66.2 260 251 40.6 27.3 
72.3 81.8 65.9 279 268 43.6 28.2 
72.3 81.2 66.1 29T 287 47.0 32.3 
Table 18. Heat transfer data for fluidized glass beads with stirring 
at 10 rpm, heating section on top 
Run 
No. 
Gas velocit & 
Ft/sec. (hr)(ft~) 
Overall bed , 
density lb/ft" 
Bed density in heat 
transfer"sections 
Upper- Lower, 
Ib/ff^ Ib/ft"^ 
1 0.058 20.79 89.43 83.22 85.78 
2 0.085 30.74 85.58 86.80 84.75 
3 0.127 46.08 83.29 87.82 83.22 
4 0.170 61.47 82.04 86.80 82.20 
5 0.212 76.83 80.52 85.78 81.18 
6 0.255 92.20 78.50 83.73 81.18 
208 
ta Kq/1 FI UX n h o 
l à  oc  Ave, wall temp. "F  BTU/(hrXfr) BTU/(hr)(fr )(°F) 
P Heating Cooling Lower Upper Lower Upper 
Sec. Sec. Sec. Sec. Sec. Sec. 
74.2 84.6 64.0 17 66 1.7 6,4 
73.7 83.3 66.0 199 198 25.8 • 20.7 
73.5 82.6 66.5 244 243 34.8 26.7 
73.3 82.3 66.6 265 260 39.6 28.9 
72.9 81.8 66.8 278 270 45.6 30.3 
72.8 81.4 66.6 283 282 45.6 32.8 
Table 19. Hea:t transfer data for fluidized glass beads with stirring 
at 100 rpm, heating section on tqp 
Bed density in heat 
Run Gas velocity Overall bed _ 
density lb/ft 
transfer sections 
No. 
Ft/sec. 
lb o (hr)(ft2) 
l
l
 
Lower* 
Ib/ftr 
1 0.058 20.79 89.43 84.24 84.24 
2 0.085 30.74 87.99 86.80 83.73 
3 0.127 46.08 86.60 87.82 83.22 
4 0.170 61.47 85.91 86.29 81.69 
5 0.212 76.83 84.25 85.78 81.18 
6 0.255 92.20 82.04 84.24 80.16 
210 
Ave, wall temp. "F . BTU/(hr)(ft^) BTU/(hr;(ft^)rF) 
P Heating Cooling Lower Upper Lower Upper 
Sec. Sec. Sec. Sec. Sec. Sec. 
72.9 84.6 64.0 17 52 ; 2.0 4.4 
73.2 82.9 65.8 191 207 25.8 21.3 
73.0 82.5 66.3 239 238 35.6 25.1 
72.6 82.0 66.5 260 260 42.6 27.6 
72.7 81.8 66.6 273 272 44.7 29.9 
72.9 81.3 66.7 279 283 45.0 33.7 
Table 20. Heat transfer data for fluidized glass beads with stirring 
at 100 rpm, heating section on top 
Run 
No. 
Gas velocit 
Jb Ft/sec. (hr)(ft ) 
Overal1 bed , 
density lb/ft" 
Bed density in heat 
transfer sections 
Upper, Lower. 
Ib/ft^ Ib/ft^ 
1 0.058 20.79 
2 0.085 30.74 
3 0.127 46.08 
4 0.170 61.47 
5 0.212 76.83 
6 0.255 92.20 
86.94 
85.90 
84.88 
82.92 
81.97 
80.14 
89.34 
89.34 
90.36 
89.34 
88.32 
87.81 
84.75 
84.75 
84.24 
81.68 
81.68 
81.68 
212 
ïmô Ave, wall temp. °F BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
Heating Cooling Lower Upper ' Lower Upper 
Sec. Sec. Sec. Sec. Sec. Sec. 
73.9 83.9 63.1 26 61 2.4 6.1 
73.2 82.7 65.0 174 208 22.0 21.9 
72.6 81.8 65.3 243 208 33.3 22.6 
72.5 81.5 65.6 260 250 37.7 27.8 
72.7 81.4 66.1 285 284 43.2 32.6 
72.7 81.0 66.1 294 302 44.6 36.4 
Table 21. Heat transfer data for fluidized glass beads without 
stirring, heating section on top 
Run Gas velocity Overal1 bed ~ 
density lb/ft 
Bed density in heat 
transfer sections 
No. 
Ft/sec. 
lb n 
. (hr)(ft2) 
l
l
 
Lower, 
Ib/ft^ 
1 0.058 20.79 86.94 89.34 84.25 
2 0.085 30.74 85.64 88.83 85.26 
3 0.127 46.08 84.38 91.38 83.73 
4 0.170 61.47 82.92 91.38 82.19 
5 0.212 76.83 81.05 94.45 82.70 
6 0.255 92.20 79.25 89.34 81.17 
214 
imô Ave, wall temp. "F BTU/(hrKft^) BTU/(hr)(ft^)rF) 
" P Heating Cooling Lower Upper Lower Upper 
Sec. Sec. Sec. Sec. Sec. Sec. 
74.3 84.7 64.2 23 80 2.2 . 7.7 
73.9 83.6 65.9 200 200 25.0 20.6 
73.8 83.2 66.6 261 244 36.3 25.9 
73.5 82.6 66.7 275 274 40.4 30.1 
73.6 82.3 66.8 288 286 42.4 32.9 
73.4 81.8 66.8 295 295 44.7 35.1 
Table 22. Heat transfer data for fluidized flour-nitrogen system with 
stirring at 50 rpm, heating section on bottom 
Overall bed o Bed density in 
Run Gas velocity density lb/ft heat transfer sec. 
No. lb o A p Upper, Lower, 
Ft/Sec. (hr)(ft^) Wt/vol bed HT Ib/ft^ Ib/ft^ 
1 0.092 32.08 29.15 24.23 24.97 25.63 
2 0.106 36.96 27.90 23.46 25.33 25.33 
9 0.106 36.96 28.72 24.15 25.63 25.63 
3 0.127 44.35 27.41 23.23 25.33 25.12 
4 0.149 51.74 27.13 22.99 25.33 24.66 
8 0.149 51.74 27.90 23.64 25.63 25.12 
5 0.170 59.13 26.94 22.83 25.63 24.51 
6 0.191 66.52 26.94 22.83 25.94 24.51 
7 0.191 66.52 26.94 22.83 25.12 24.36 
216 
Ave. bed 
temp °F Ave. wal1 temp. *F 
Flux , 
BTU/(hr)(ft^) 
h , 
BTU/(hr)(ft^)(°F) 
Heati ng Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
74.1 83.1 63.9 85 56 9.4 5.4 
73.9 82.9 64.1 121 85 13.4 8.6 
73.3 83.1 64.0 138 78 14.1 8.4 
73.9 83.5 64.3 140 121 14.7 12.6 
73.3 82.5 64.4 169 133 18.3 15.0 
72.8 82.4 64.2 186 121 19.4 14.2 
73.5 82.2 64.6 200 157 22.9 17.7 
73.0 82.1 64.8 241 186 26.8 22.7 
72.8 82.1 64.4 229 157 24.8 18.8 
Table 23. Heat transfer data for fluidized flour-nitrogen system with 
stirring at 25 rpm, heating section on bottom 
Overall bed , Bed density in 
Run Gas velocity density lb/ft heat transfer sec. 
No. lb o ' A p Upper, Lower, 
Ft/Sec. (hr)(ftr) Wt/vol bed HT Ib/ft^ Ib/ft^ 
1 0.092 32.08 29.15 23.87 25.53 25.53 
2 0.106 36.96 27.51 23.41 25.53 26.04 
3 0.127 44.35 27.53 23.19 25.53 25.53 
4 0.149 51.74 26.94 23.03 26.04 26.04 
5 0.170 59.13 26^85 22.85 26.04 25.53 
6 0.191 66.52 26.75 22.77 25.81 25.02 
218 
Ave. bed 
temp °F 
Flux I  I U A  n  " 9  
Ave. wall temp. °F BTU/(hr)(ft'^) BTU/(hr)(ft<)(°F) 
Heating Cooling Lower Upper Sec. Sec. 
Lower Upper 
Sec. Sec. 
73.5 
73.0 
72.6 
73.0 
72.9 
73.0 
83.0 63.8 
82.9 64.1 
82.5 64.3 
82.4 64.4 
82.2 64.5 
81.8 64.7 
85 48 
116 73 
157 109 
193 126 
217 145 
266 174 
8.9 5.0 
11.7 8.2 
15.8 13.1 
20.6 14.6 
23.5 17.3 
30.3 21.0 
Table 24. Heat transfer data for fluidized flour-nitrogen system with 
stirring at 100 rpm, heating section on bottom 
Overall bed , Bed density in 
Run Gas velocity density lb/ft heat transfer sec. 
No. TF % A~p Upper, Lower, 
Ft/Sec. (hr)(ft") Wt/vol bed HT Ib/ft^ Ib/ft^ 
1 0.092 32.08 29.37 24.42 25.63 26.91 
2 0.106 36.96 28.20 23.99 25.33 25.63 
3 0.127 44.35 27.51 23.58 25.33 25.33 
4 0.149 51.74 27.31 23.45 25.63 25.12 
5 0.170 59.13 27.22 23.42 25.63 25.12 
6 0.191 66.52 27.13 23.34 25.94 24.97 
220 
Ave. bed 
temp °F 
Flux 5 h 5 
Ave. wall temp. ®F BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
Heating Cooling Lower Upper Sec. Sec. 
Lower Upper 
Sec. Sec. 
73.9 
73.5 
73.4 
73.2 
73.2 
73.0 
83.0 
83.1 
82.5 
82.3 
82.2 
82.0 
63.5 
63.6 
64.1 
64.0 
64.2 
64.2 
85 56 
109 73 
145 109 
179 128 
205 150 
225 170 
9.3 5,4 
11.2 7.4 
15.9 11.7 
19.6 13.9 
22.8 16.6 
25.0 19.2 
Table 25. Heat transfer data for fluidized flour hydrogen system with 
stirring at 50 rpm, heating section on bottom 
Overall bed « Bed density in 
Run Gas velocity density lb/ft heat transfer sec. 
No. Tb % A p Upper. Lower. 
Ft/Sec. (hr)(ft") Wt/vol bed HT Ib/ft^ Ib/ft^ 
1 0.252 6.34 30.52 24.50 18.28 30.43 
7 0.252 6.34 30.52 24.26 19.25 32.07 
2 0.302 7.60 . 30.05 23.88 19.56 29.92 
8 0.302 7.60 30.05 24.12 17.00 31.40 
3 0.347 8.74 29.15 23.29 19.56 30.13 
9 0.347 8.74 29.15 23.05 18.28 31.15 
4 0.395 9.96 28.72 22.83 19.91 29.87 
10 0.395 9.96 28.72 22.83 14.09 30.13 
5 0.444 11.20 28.30 22.61 20.53 29.51 
6 0.490 12.36 27.90 22.29 20.53 30.43 
222 
Ave. bed 
temp °F Ave. wall temp. °F 
Flux 5 
BTU/(hr)(ft^) 
h , 
BTU/(hr)(ft^)(°F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
See. 
74.6 83.2 66.8 326 266 37.9 34.1 
75.6 83.9 67.3 295 264 35.5 31.8 
74.6 83.3 67.2 374 305 43.1 41.2 
75.3 83.4 67.6 348 303 42.8 39.2 
74.6 82.5 66.9 422 351 53.8 45.3 
75.4 83.1 67.8 398 339 51.8 44.5 
74.8 82.3 66.8 449 375 59.6 , 46.8 
75.8 82.6 67.8 420 363 61.9 45.4 
75.52 82.3 68.1 483 412 71.5 55.1 
75.17 81.9 68.1 514 445 76.0 63.0 
Table 26. Heat transfer data for fluidized flour-carbon dioxide system 
with stirring at 50 rpm, heating section on bottom 
Run Gas velocity 
Overal1 bed -
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb . A P Upper-
Ib/ft^ 
Lower-
Ib/ft^ Ft/Sec. (hr)(ft-) Wt/vol bed HT 
1 0.117 64.13 30.05 22.80 24.65 24.36 
7 0.117 64.13 30.52 21.51 28.49 30.43 
2 0.128 69.89 29.59 19.90 25.02 24.66 
8 0.128 69.89 29.59 20.79 29.46 31.05 
3 0.138 75.70 29.59 19.60 30.13 32.68 
9 0.138 75.70 29.59 20.86 30.74 32.37 
4 0,151 02.43 29.37 19.16 32.07 33.04 
5 0.160 87.31 28.93 19.46 31.40 36.56 
10 0.160 87.31 28.93 19.59 32.68 33.96 
6 0.170 92.88 28.51 19.17 35.03 36.25 
224 
Ave. bed Flux , h , 
temp °F Ave. wall temp. °F BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
80.6 85.8 65.9 109 194 21.1 13.2 
78.1 84.2 65.0 121 162 19.9 12.3 
78.3 84.7 65.9 133 194 20.5 . 15.6 
78.7 85.1 66.2 145 194 22.8 15.5 
77.5 84.5 65.7 159 194 22.5 16.5 
77.5 84.2 65.2 145 194 21.6 15.8 
76.1 84.2 65.6 179 169 22.1 16.1 
78.4 84.7 66.1 169 230 26.7 18.8 
76.8 83.2 65.2 169 218 26.5 18.8 
77.5 84.3 65.9 193 232 28.2 20.1 
Table 27. Heat transfer data for fluidized starch-nitrogen system 
with stirring at 50 rpm, heating section on bottom 
Overall bed o Bed density in 
Run Gas velocity density lb/ft heat transfer sec. 
No. lb o A If w Lower-Ib/ft^ Ft/Sec. (hr)(ft^) Wt/vol bed HT If w 
1 0.113 39.41 36.11 21.69 25.63 27.22 
7 0.113 39.41 37.21 22.34 25.63 27.22 
2 0.128 44.61 37.21 21.98 27.22 28.80 
3 0.144 50.11 36.65 22.01 27.22 28.80 
8 0.144 50.11 36.65 22.37 25.63 28.80 
4 0.159 55.37 36.11 21.69 28.80 30.74 
9 0.159 55.37 36.38 24.03 27.22 25.63 
5 0.175 61.08 36.11 23.13 28.80 25.63 
6 0.191 66.52 35.59 23.16 28/80 25.63 
10 0.191 66.52 35.59 22.79 28.80 28.80 
226 
Ave. bed 
temp °F Ave. wall temp. °F 
Flux o 
BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
Heating Cooling Lower Upper Sec. Sec. 
Lower Upper 
Sec. Sec. 
75.2 
75.5 
75.7 
75.7 
75.7 
75.1 
75.3 
75.5 
74.9 
75.2 
84.6 65.3 
85.2 65.5 
84.9 65.5 
84.9 65.6 
85.2 65.6 
84.9 65.5 
85.1 65.5 
84.8 65.6 
85.0 65.6 
84.9 65.6 
118 
123 
1,35 
135 
130 
128 
126 
138 
135 
126 
97 
107 
109 
116 
116 
114 
116 
114 
119 
123 
12.5 9.8 
12.7 10.6 
14.6 10.8 
14.7 11.4 
13.8 11.5 
13.0 11.9 
12.9 11.9 
14.7 11.5 
13.4 12.7 
12.8 12.9 
Table 28. Heat transfer data for fluidized starch-nitrogen system 
with stirring at 25 rpm, heating section on bottom 
Run Gas velocity 
Overal1 bed , 
density lb/ft 
Bed density in 
heat transfer sec. 
No. A p Upper, 
Ib/ft^ 
Lower, 
Ib/ftr Ft/Sec. (hr)(ft^) Wt/vol bed HT 
1 0.113 39.41 36.93 21.81 25.63 27.22 
7 0.113 39.41 37.21 22.34 25.63 27.22 
2 0.128 44.61 36.93 22.18 25.63 27.83 
8 0.128 44.61 36.93 22.18 24.97 28.80 
3 0.144 50.11 36.93 23.28 24.97 28.80 
9 0.144 50.11 35.85 22.60 27.2 28.8 
4 0.159 55.37 36.11 22.41 25.94 28.19 
5 0.175 61.08 36.11 23.13 28.80 27.83 
10 0.175 61.08 35.85 22.96 28.80 30.08 
6 0.191 66.52 36.11 23.50 30.08 28.19 
228 
Ave. bed 
temp °F Ave. wall temp. °F 
. Flux p h , 
BTU/(hr)(ft^)(°F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
76.1 85.4 65.6 113 104 12.3 9.9 
75.5 85.2 65.5 123 107 12.6 9.5 
77.0 85.2 65.7 126 123 15.2 11.0 
77.0 85.3 65.5 101 107 12.2 9.3 
76.1 85.3 65.7 130 123 14.2 11.9 
76.1 85.1 65.5 113 114 12.7 10.7 
75.7 85.3 65.6 130 126 13.7 12.5 
75.7 85.3 65.8 130 128 13.5 12.9 
75.7 85.3 65.6 121 121 12.6 12.0 
76.1 85.2 65.6 116 121 12.8 11.5 
Table 29. Heat transfer data for fluidized starch-nitrogen system 
with stirring at 100 rpm, heating section on bottom 
Overall bed , Bed density in 
Run Gas velocity density lb/ft heat transfer sec. 
No. To Ô A p Uppero Lower, 
Ft/Sec. (hr)(ft") Wt/vol bed HT Ib/ft^ Ib/ft^ 
1 0.113 39.41 37.21 23.09 ' 25.63 28.80 
2 0.128 44.61 36.38 22.58 27.22 27.22 
3 0.144 50.11 37.21 23.83 28.80 28.80 
4 . 0.159 55.37 36.65 23.47 25.63 28.80 
5 0.175 61.08 36.38 23.30 27.22 27.22 
6 0.191 66.52 36.11 21.69 28.80 32.02 
230 
Ave. bed 
temp °F 
Heating Cooling 
Flux r  I U A  A  " 9  
Ave. wall temp. ®F BTU/(hr)(ft^) BTU/(hr)(ft^)(*F) 
Lower Upper Lower Upper 
Sec. Sec. Sec. Sec. 
75.6 85.0 65.4 116 107 12.2 10.5 
75.8 85.0 65.4 121 109 13.1 10.5 
75.9 85.0 65.4 126 123 13.8 11.8 
75.9 85.0 65.4 128 128 14.1 12.2 
75.7 84.7 65.3 126 126 14.0 12.1 
75.6 84.7 65.3 121 123 13.2 12 .0  
Table 30. Heat transfer data for fluidized starch-hydrogen system 
with stirring at 50 rpm, heating action on bottom . 
Run Gas velocity 
Overal1 bed , 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb o A p 
II fl _j 
I— 
Ft/Sec. (hr)(ft") Wt/vol bed HT 
II fl _j 
I— 
1 0.347 8.74 36.65 26.41 35.23 25.63 
7 0.347 8.74 36.38 29.86 35.23 28.80 
2 0.395 9.96 36.65 25.31 35.23 15.98 
8 0.395 9.96 36.38 29.86 35.23 30.43 
3 0.444 11.20 35.59 29.21 35.23 28.80 
9 0.444 11.20 35.59 29.21 35.23 28.80 
4 0.490 12.36 35.59 29.21 33.60 28.80 
5. 0.539 13.59 35.08 28.80 35.23 30.43 
6 0.586 14.77 35.08 29.49 33.60 28.80 
232 
Ave. bed 
temp °F 
73.9 
73.5 
72.8 
73.7 
72.8 
74.9 
71.9 
72.9 
73.7 
F1U X  n  U n  
Ave. wall temp. °F BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
Heating Cooling 
81.2 
64.5 
81.0 
83.3 
81.5 
83.2 
81.2 
82.0 
82.2 
62.6 
83.5 
62.9 
64.8 
63.5 
65.0 
63.9 
65.1 
65.8 
Lower Upper 
Sec. Sec. 
179 
159 
215 
198 
234 
198 
266 
278 
304 
211 
179 
230 
213 
240 
266 
269 
305 
337 
Lower 
Sec. 
24.7 
16.0 
26.4 
20.7 
27.0 
24.0 
28.5 
30.3 
36.1 
Upper 
Sec. 
18.6 
20.0 
23.2 
23.8 
25.6 
26.8 
33.6 
39.3 
42.2 
Table 31. Heat transfer data for fluidized starch-carbon dioxide system 
with stirring at 50 rpm, heating section on bottom 
Run Gas velocity 
Overal1 bed , 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb o A p Upper. 
Ib/ft^ 
Lower, 
Ib/ft^ Ft/Sec. (hr)(ft*-) Wt/vol bed HT 
1 0.107 58.47 37.21 21.23 22.42 27.22 
7 0.107 58.47 37.21 22.34 22.42 25.63 
2 
J 
8 
0.117 64.13 37.21 22.34 22.42 25.63 
0.117 64.13 37.21 22.34 25.63 25.63 
3 0.128 69.89 37.21 22.34 22.42 25.63 
9 0.128 69.89 36.65 22.01 24.00 24.00 
4 0.138 75.70 36.65 22.75 22.42 25.63 
10 0.138 75.70 36.65 22.01 25.63 25.63 
5 0.149 81.50 36.38 22.58 25.63 25.63 
6 0.160 87.31 36.38 22.58 25.63 25.63 
234 
Ave. bed Flux , h « 
temp °F Ave. wall temp. °F BTU/(hr)(ft^) BTU/(hr)(ft<)(°F) 
Heati ng Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
75.0 85.1 65.2 106 92 10.5 9.5 
75.4 85.2 65.2 97 82 9.9 8.0 
75.0 85.1 65.3 104 97 10.4 9.9 
75.4 85.1 65.3 101 92 10.5 9.1 
75.3 85.0 65.3 109 97 11.2 9.7 
75.4 85.3 65.2 106 87 10.7 8.6 
75.4 85.5 65.3 113 99 11.0 9.8 
75.4 84.9 65.2 106 94 11.1 9.3 
75.4 85.8 65.3 113 99 11.0 9.8 
75.5 85.1 65.3 113 92 11.8 9.0 
Table 32. Heat transfer data for fluldlzed flour and Cab-O-Sil-nitrogen 
system without stirring, heating section on bottom 
Run Gas velocity 
Overall bed o 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb . A P Upper. 
Ib/ff^ 
Lower, 
Ib/ft^ Ft/Sec. (hr)(ft-) Wt/vol bed Ht 
1 0.056 19.62 21.84 20.78 1 22.42 21.45 
7 0.056 19.62 22.10 20.90 22.42 20.48 
2 0.083 29.06 22.65 21.29 23.69 21.45 
8 0.083 29.06 22.65 21.24 23.69 21.45 
3 0.113 39.42 23.22 21.77 24.00 21.45 
9 0.113 39.42 23.22 21.71 24.31 21.45 
4 0.144 50.11 23.22 21.60 24.31 20.83 
5 0.175 61.08 23.52 21.81 24.66 21.14 
10 0.175 61.08 23.22 21.53 24.31 21.04 
6 0.212 73.91 23.52 21.55 24.31 21.45 
236 
Ave. bed Flux , h , 
temp °F Ave. wall temp. ®F BTU/(hr)(ft^) BTU/(hr)(ft<)(°F) 
Heati ng Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
75.9 83.0 67.0 386 339 , 54.7 38.0 
76.0 82.8 67.3 384 361 55.8 41.6 
76.3 82.8 67.2 398 346 61.4 38.1 
76.4 82.8 67.3 396 346 61.0 38.1 
76.4 82.7 67.3 398 351 62.6 38.8 
76.4 82.8 67.3 398 363 61.3 40.0 
76.2 82.7 67.4 410 366 62.9 41.7 
75.9 82.7 67.4 410 370 60.5 43.7 
75.9 82.7 67.5 410 380 60.5 45.2 
75.7 82.5 67.5 422 387 62.0 47.3 
Table 33. Heat transfer data for fluidized flour and Cab-O-Sil-Nitrogen 
with stirring at 25 rptn, heating section on bottom 
Run Gas velocity 
Overal1 bed « 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb o A P Upper, 
Ib/ft^ 
Lower-
Ib/ftr Ft/Sec. (hr)(ft^) Wt/vol bed HT 
1 0.056 19.62 22.65 21.18 23.39 20.83 
7 0.056 19.62 22.65 21.12 22.72 20.17 
2 0.083 29.06 23.22 21.53 24.00 21.45 
8 0.083 29.06 23.52 21.87 24.00 21.45 
3 0.113 39.42 23.82 22.02 24.66 21.14 
9 0.113 39.42 23.82 22.02 24.66 21.75 
4 0.144 50.11 23.82 21.83 24.66 21.75 
10 0.144 50.11 24.14 22.25 24.97 21.75 
5 0.175 61.08 23.82 21.83 25.28 21.75 
6 0.212 73.91 23.52 21.74 24.31 22.42 
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Ave. bed Flux , h , 
temp °F Ave. wall temp. 'F BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
76.4 82.8 67.1 379 339 58.4 36.8 
76.2 82.7 67.2 367 339 56.3 37.5 
76.4 82.8 66.9 386 346 60.7 36.4 
76.4 82.8 67.4 386 346 60.9 38.2 
76.5 82.7 67.5 398 358 64.4 40.1 
76.4 82.8 67.5 393 363 62.3 40.7 
76.4 82.6 67.1 408 366 65.0 39.4 
76.4 82.8 67.7 401 380 62.0 43.9 
76.1 82.7 67.4 413 383 63.2 43.6 
75.8 82.5 67.7 413 397 61.5 49.1 
Table 34. Heat transfer data for fluidized flour and Cab-O-Sil-nitrogen 
system with stirring at 50 rpm, heating section on bottom 
Run Gas velocity 
Overal1 bed « 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb . A P Upper, 
Ib/ft^ 
ft 
Ft/Sec. (hr)(ft-) Wt/vol bed HT 
ft 
1 0.056 19.62 22.65 21.29 23.39 21.14 
7 0.056 19.62 22.65 21.24 23.69 21.04 
2 0.083 29.06 23.52 21.99 24.31 21.45 
8 0.083 29.06 23.52 21.99 24.66 21.14 
3 0.113 39.42 23.82 22.08 24.66 22.11 
9 0.113 39.42 23.82 22.08 24.66 21.75 
4 0.144 50.11 23.82 22.08 25.28 21.75 
10 0.144 50.11 23.82 22.02 24.97 22.06 
5 0.175 61.08 23.82 21.90 24.97 21.75 
6 0.212 73.91 23.82 21.83 24.97 21.75 
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Ave. bed Flux « h , 
temp °F Ave. wall temp. °F BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
Heati ng Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
76.5 83.1 67.3 357 344 54.2 37.2 
76.6 83.3 67.5 362 351 53.5 37.4 
76.6 82.9 67.5 381 356 59.9 39.3 
76.6 83.2 67.5 386 341 58.1 37.5 
76,5 83.0 67.6 389 363 60.1 40.5 
76.5 83.1 67.5 389 353 58.7 39.0 
76.3 82.9 67.5 393 366 59.9 41.4 
76.4 83.2 67.6 398 370 58.4 42.5 
76.0 82.8 67.6 401 385 58.6 45.8 
75.8 82.8 67.6 410 387 59.0 47.0 
Table 35. Heat transfer data for fluidized flour and Cab-O-Sil-nitrogen 
system with stirring at 100 rptn, heating section on bottom 
Run Gas velocity 
Overal1 bed o 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb o A P Upper-
Ib/ft^ 
Lower-
Ib/ft^ Ft/Sec. (hr)(ft-) Wt/vol bed HT 
1 0.056 19.62 24.14 22.51 24.66 22.11 
7 0.056 19.62 24.14 22.38 24.97 22.11 
2 0.083 29.06 24.46 22.61 24.97 23.39 
8 0.083 29.06 24.46 22.55 25.28 22.42 
3 0.113 39.42 24.46 22.61 24.97 23.69 
9 0.113 39.42 24.79 22.85 25.28 22.42 
4 0.144 50.11 24.46 22.29 25.63 22.72 
10 0.144 50.11 24.79 22.72 25.63 24.31 
5 0.175 61.08 24.14 22.38 24.66 23.39 
6 0.212 73.91 24.14 22.19 24.66 22.42 
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Ave. bed 
temp *F Ave. wall temp. °F 
Flux 5 
BTU/(hr)(ft^) BTU/(hr)(ft^)(°F) 
Heating Cooling Lower Upper Sec. Sec. 
Lower Upper 
Sec. Sec. 
76.5 
76.6 
76.5 
76.6 
76.5 
76.5 
76.3 
76.4 
76.1 
75.9 
83.4 67.2 
83.5 67.5 
83.2 67.4 
83.2 67.4 
83.2 67.5 
83.1 67.6 
83.2 67.6 
83.2 67.6 
83.1 67.7 
83.0 67.7 
338 
343 
377 
369 
384 
381 
396 
386 
398 
413 
310 
324 
341 
337 
353 
353 
358 
366 
387 
387 
49.5 33.4 
49.3 35.8 
56.4 37.5 
55.5 36.8 
57.4 39.0 
58.1 39.4 
57.6 41.0 
57.0 41.8 
56.8 45.9 
58.5 47.3 
Table 36. Heat transfer data for fluidized flour and Cab-O-Sil-hydrogen 
system without stirring, heating section on bottom 
Run Gas velocity 
Overal1 bed ? 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb o à P Upper, 
Ib/ff^ 
Lower, 
Ib/ft^ Ft/Sec. (hr)(ft-) Wt/vol bed HT 
1 0.252 6.34 28.22 26.02 28.19 26.91 
7 0.252 6.34 28.22 26.02 25.94 28.80 
2 0.302 7.60 27.79 25.33 27.52 27.83 
8 0.302 7.60 27.79 25.47 28.19 28.49 
3 0.347 8.74 27.79 25.24 27.83 27.83 
9 0.347 8.74 27.79 25.40 27.22 28.49 
4 0.395 9.96 27.79 25.04 27.52 29.16 
10 0.395 9.96 27.79 25.85 26.91 28.80 
5 0.444 11.20 27.38 24.95 28.19 27.83 
6 0.490 12.36 27.38 24.50 27.83 28.19 
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Ave. bed 
temp °F Ave. wall 
l
u
 0
 C
L
 1
 
Flux 5 
BTU/(hr)(ftf) 
h p 
BTU/(hr)(ft'^ )(°F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
76.4 81.4 69.1 625 569 125.8 77.1 
76.3 81.1 69.9 654 598 137.2 93.9 
76.3 81.3 61.1 637 586 127.8 82.3 
76.6 81.5 69.6 632 593 128.7 85.1 
77.0 81.1 69.1 642 598 155.3 76.9 
76.3 81.3 69.7 640 615 127.2 92.7 
75.7 81.2 69.6 647 615 119.4 99.8 
75.7 81.2 69.4 649 632 118.5 100.7 
75.7 81.1 69.4 657 625 121.1 99.5 
75.5 69.5 81.4 661 625 113.6 103.1 
Table 37. Heat transfer data for fluidized flour and Cab-O-Sil-hydrogen 
system with stirring at 50 rpm, heating section on bottom 
Overall bed , Bed density in 
Run Gas velocity density lb/ft heat transfer sec. 
nu* 
Ft/Sec. TK%t2) Wt/vol bed HT 
upjici o  
Ib/ft^  Ib/ft^  
1 0.252 6.34 28.22 26.09 27.22 28.19 
7 0.252 6.34 28.66 26.42 26.91 29.16 
2 0.302 7.60 28.66 26.19 27.52 29.16 
8 0.302 7.60 28.66 26.19 26.55 29.16 
3 0.347 8.74 28.66 26.12 26.25 29.16 
9 0.347 8.74 28.66 26.12 26.25 29.16 
4 0.395 9.96 28.66 25.81 26*. 25 29.16 
10 0.395 9.96 28.66 25.81 25.94 29.77 
5 0.444 11.20 28.22 25.63 26.25 28.80 
6 0.490 12.36 28.22 25.26 26.25 28.49 
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Ave. bed 
temp °F Ave. wall temp. °F 
Flux 5 
BTU/(hr)(ft^ ) 
h p 
BTU/(hr)(ft^ )(°F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
76.5 81.2 69.4 635 598 135.6 84.9 
76.4 81.2 69.5 628 608 131.6 88.6 
76.1 81.1 69.3 647 586 128.3 85.8 
76.0 81.0 69.5 652 613 129.2 95.0 
75.9 80.9 69,5 661 610 133.8 95.3 
75.7 81.1 69.5 652 605 122.5 96.5 
75.7 81.0 69.7 669 537 125.4 106.2 
75.7 81.1 69.6 676 629 125.0 103.9 
75.7 81.4 69.6 666 625 117.6 102.4 
75.5 80.8 69.3 676 629 127.4 101.0 
Table 38. Heat transfer data for fluidized flour and Cab-O-Sil hydrogen 
system with stirring at 100 rpm, heating section on bottom 
Run Gas velocity 
Overal1 bed o 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb n A P Upper. 
Ib/ft^  
Lower, 
Ib/ft^  Ft/Sec. (hr)(ft^ ) Wt/vol bed HT 
1 0.252 6.34 28.66 26.42 26.25 28.80 
7 0.252 6.34 28.66 26.42 25.28 30.43 
2 0.302 7.60 28.66 26.12 25.94 30.43 
8 0.302 7.60 28.66 26.19 25.28 30.08 
3 0.347 8.74 28.66 25.96 24.66 30.43 
9 0.347 8.74 28.66 26.12 24.97 30.43 
4 0.395 9.96 28.66 25.88 24.66 30.43 
10 0.395 9.96 28.66 25.73 24.65 30.43 
5 0,444 11.20 28.22 25.93 25.63 29.51 
6 0.490 12.36 28.22 25.26 25.63 29.16 
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Ave. bed 
temp °F Ave. wall 
u
.
 0 1 
Flux 5 
BTU/(hr)(ft^ ) 
h , 
BTU/(hr)(ft^ )(°F) 
Heati ng Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
76.4 81.3 69.3 628 600 128.5 84.0 
75.7 81.3 69.6 632 608 112.5 99.7 
75.7 81.0 69.2 635 600 120.7 91.6 
75.6 81.1 69.4 657 613 119.9 97.8 
75.6 81.4 69.2 652 613 112.5 96.4 
75.3 80.9 69.5 659 629 116.0 108.3 
75.5 80.8 69.5 659 632 122.9 105.8 
75.0 80.8 69.5 669 634 116.0 113.4 
74.2 81.0 69.0 674 629 99.0 120.3 
74.9 8.07 69.5 688 661 117.8 124.1 
Table 39. Heat transfer data for fluidized flour and Cab-O-Sil-carbon 
dioxide system without stirring, heating section on bottom 
Run Gas velocity 
Overal1 bed -
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb o A p Upper-
Ib/ft^  
Lower-
lb/ft/ Ft/Sec. (hr)(ft^ ) Wt/vol bed HT 
1 0.054 29.77 24.46 23.20 26.25 24.66 
7 0.054 29.77 24.79 23.18 25.63 23.39 
2 0.075 41.24 24.96 23.61 26.91 22.42 
8 0.075 41.24 25.13 23.17 26.25 24.31 
3 0.097 52.90 25.13 23.43 27.22 23.03 
9 0.097 52.90 25.48 23.41 26.91 24.31 
4 0.117 64.13 25.48 23.76 28.19 22.72 
10 0.117 64.13 25.48 23.07 27.52 25.28 
5 0.138 75.70 25.48 22.87 28.19 26.55 
6 0.160 87.31 25.48 23.49 28.19 24.31 
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Ave. bed 
temp °F Ave. wall temp. °F 
Flux 5 
BTU/(hr)(ft^ ) 
h , 
BTU/(hr)(ft^ )(*F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
75.8 83.1 66.5 350 351 47.6 37.9 
76.13 83.3 66.8 343 329 47.7 35.1 
76.2 83.1 66.8 362 341 52.6 36.1 
76.4 83.2 66.8 355 329 51.7 34.4 
76.4 83.2 66.9 352 344 51.7 36.1 
76.4 83.2 66.8 357 351 52.5 36.9 
76.2 83.5 67.0 362 346 49.4 37.4 
76.2 83.5 66.9 362 344 49.8 37.1 
77.0 83.4 67.0 369 353 57.2 35.4 
75.7 83.0 67.3 374 361 51.8 42.8 
Table 40. Heat transfer data for fluidized flour and Cab-O-Sil-carbon 
dioxide system with stirring at 50 rpm, heating section on 
bottom 
Run Gas velocity 
Overal1 bed % 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb o à P Upper-
Ib/ft^  
Lower. 
Ib/ft^  Ft/Sec. (hr)(ft-) Wt/vol bed HT 
1 0.054 29.77 24.46 22.87 26.25 24.31 
7 0.054 29.77 24.46 23.01 26.55 25.63 
2 0.075 41.24 25.13 23.23 26.55 24.97 
8 0.075 41.24 25.13 23.50 26.91 25.94 
3 0.097 52.90 25.48 23.55 27.22 24.97 
9 0.097 52.90 25.48 23.35 26.91 25.63 
4 0.117 64.13 25.48 23.55 27.22 24.66 
10 0.117 64.13 25.48 23.22 27.52 26.91 
5 0.138 75.70 25.48 23.55 27.52 24.00 
6 0.160 87.31 25.48 23.49 27.22 23.69 
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Ave. bed Flux , h . 
temp Ave. wall temp. ®F BTU/(hr)(ft^ ) BTU/(hr)(ft^ )(°F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
76.2 83.2 66.7 331 322 46.8 33.9 
76.6 83.4 67.2 319 315 46.5 33.5 
76.3 83.5 66.7 340 320 47.2 33.4 
76.8 83.3 67.0 350 320 54.0 32.6 
76.3 83.4 66.8 350 339 48.8 35.9 
76.8 83.4 67.3 352 344 53.3 36.2 
76.2 83.2 67.2 357 346 51.4 37.8 
76.6 83.3 67.2 369 344 55.0 36.8 
75.9 82.9 67.0 367 344 52.5 38.6 
75.7 82.9 67.1 377 353 52.5 41.2 
Table 41. Heat transfer data for fluidized flour and Cab-O-Sil-carbon 
dioxide system with stirring at 100 rpm, heating section on 
bottom 
Run Gas velocity 
Overall bed % 
density lb/ft 
Bed density in 
heat transfer sec. 
No. lb  o A p Upper-
Ib/ft^  
Lower. 
Ib/ft^  Ft/Sec. (hr){ft-) Wt/vol bed HT 
1 0.054 29.77 25.48 23.55 27.22 25.94 
7 0.054 29.77 25.84 24.03 26.55 23.69 
2 0.075 41.24 25.84 23.74 27.22 25.63 
8 • 0.075 41.24 25.84 24.03 27.22 23.69 
3 0.097 52.90 25.84 24.03 27.83 26.55 
9 0.097 52.90 25.84 24.03 27.22 25.94 
4 0.117 64.13 25.84 24.03 29.16 24.00 
10 0.1T7 64.13 25.84 24.03 27.22 26.91 
5 0.138 75.70 25.48 23.22 27.22 23.69 
6 0.160 87.31 25.48 22.53 27.52 29.77 
254 
Ave. bed Flux , h « 
temp ®F Ave. wall temp. "F BTU/(hr)(ft^ ) BTU/(hr)(ft^ )(«F) 
Heating Cooling Lower Sec. 
Upper 
Sec. 
Lower 
Sec. 
Upper 
Sec. 
76.7 84.1 67.0 313 300 42.6 30.9 
77.0 83.2 66.4 316 286 50.6 27.0 
76.8 83.4 67.2 333 320 50.5 33.2 
76.2 83.4 66.6 340 312 46.8 32.7 
76.7 83.3 67.2 357 324 54.3 34.2 
76.0 82.9 66.6 345 337 50.6 35.5 
76.6 83.2 67.3 357 337 53.7 36.2 
75.9 82.8 66.9 343 339 49.3 37.9 
76.4 83.1 67.3 357 351 53.7 38.6 
75.9 83.4 67.4 372 356 49.4 42.0 
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Table 42. Analysis of variance for the data on pure flour obtained 
with the lower unit 
Source of 
Vari ati on 
Degree of Sum of 
Freedom Squares 
Mean 
Square F-Ratio 
Regression 3 1.418 0.473 111.603 
Residual 31 0.131 0.004 
Total 34 1.549 
Table 43. Results of aggression analysis of the data on pure flour 
obtained with the lower unit 
Model : h = 41.740 (V°'9G7 k-0-371 ) 
Variable Partial regression 
coefficient (b) 
t value 
calculated *0.950(31) 
V 0.967 8.131 1.697 
% 0.302 2.130 1.697 
k -0.371 -2.304 1.697 
Model : h = 0.596 (vO'9G7 |^ -0.115 ^ -0.433 ) 
V 0.967 8.131 1.697 
k -0.115 -1.898 1.697 
y -0.433 -2.130 1.697 
Model : h = 0.089 c-0.135 ) 
V 0.967 8.131 1.697 
k -0.627 -2.303 1.697 
u . -0.135 -1.898 1.697 
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Table 44. Analysis of variance for the data on pure flour obtained 
with the upper unit 
Source of Degree of Sum of Mean 
Variation Freedom Squares Square F-Ratio 
Regression 3 2.032 0.677 176.786 
Residual 31 0.119 0.004 
Total 34 2.151 
Table 45. Results of regression analysis of the data on pure flour 
obtained with the upper unit 
Model: h = 66.390 ,^ -0.268j 
Partial regression t value + 
Variable coefficient (b) calculated 0.950(31) 
V 1.214 10.731 1.697 
Cp 0.200 1.487 1.697 
k -0.268 - 1.750 1.697 
Model: h = 3.955 -0.287 |^ -0.098j 
V 1.214 10.731 1.697 
U -0.287 - 1.487 1.697 
k -0.098 - 1.701 1.697 
Model: h = 0.778 -^0.453 [-0-115) 
V 1.214 10.731 1.697 
y -0.453 - 1.750 1.697 
C_ -0.115 -1.701 1.697 
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Table 46. Analysis of variance for the data on corn starch obtained 
with the lower unit 
Source of Degree of Sum of Mean 
Variation Freedom Squares Square F-Ratio 
Regression 3 0.752 0.251 126.68 
Residual 41 0.081 0.002 
Total 44 0.833 
Table 47. Results of regression analysis of the data on corn starch 
obtained with the lower unit 
Model : h = 96.55 (V^ -STS |ç0.374 [-0.160) 
Variable 
Partial regression 
coefficient (b) 
t value 
calculated 0^.950(41) 
V 0.315 3.473 1.684 
k 0.374 3.726 1.684 
S 
-0.160 -1,954 1.684 
Model : h = 924 (vO"3T5 ^ 0.238 ^ 0.230) 
V 0.315 3.473 1.684 
k 0.238 4.558 1.684 
y 0.230 1.954 1.684 
Model : h = 0.670 jjO.633 [0.281^  
V 0.315 3.473 1.684 
y 0.633 3.726 1.684 
S 
0.281 4.558 1.684 
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Table 48. Analysis of variance for the data on corn starch obtained 
with the upper unit 
Source of Degree of Sum of Mean 
Variation Freedom Squares Square F-Ratio 
Regression 3 1.320 0.499 226.52 
Residual 41 0.080 0.002 
Total 44 1.400 
Table 49. Results of regression analysis of the data on corn starch 
obtained with the upper unit 
Model : h = 95.480 (vO'GT9 ^ 0.258 ^ -0. 114) 
Variable 
Partial regression 
coefficient (b) 
t value 
calculated *0.950(41) 
V 0.619 6.906 1.684 
k 0.258 2.594 1.684 
Cp -0.114 -1.396 1.684 
Model : h = 471.900 (V^ 'GIG kO-162 ^ 0. ,163) 
V 0.619 6.906 1.684 
k 0.162 3.127 1.684 
u 0.163 1.396 1.684 
Model: h = 0.584 (V°'G19 ^ 0.436 [0.191) 
V 0.619 6.906 1.685 
M 0.436 2.594 1.685 
C 0.191 3.127 1.685 
P 
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Table 50. Analysis of variance for the data on the mixture of flour 
and Cab-O-Sil obtained with the lower unit 
Source of 
Variation 
Degree of Sum of 
Freedom Squares 
Mean 
Square F-Ratio 
Regression 3 2.661 0.887 1142.336 
Residual 96 0.075 0.001 
Total 99 2.736 
Table 51. Results of regression analysis of the data on the mixture 
of flour and Cab-O-Sil obtained with the lower unit 
Model : h = 221 (vO'OGS kO-256 ^ 0.066) 
Variable 
Partial regression 
coefficient (b) 
t value 
calculated *0.950(96) 
V 0.063 3.490 1.661 
k 0.256 6.288 1.661 
S 0.066 1.990 
Model : h = 87.01 (V^ 'OGS ^ 0-312 ^ -0.095) 
V 0.063 3.490 1.661 
k 0.312 19.596 1.661 
M -0.95 -1.990 1.661 
Model : h — 0 622 0.432 qO.368^  
V 0.063 3.490 1.661 
P 0.432 6.288 1.661 
S 0.368 19.596 
1.661 
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Table 52. Analysis of variance for the data on the mixture of flour and 
Cab-O-Sil obtained with the upper unit 
Source of Degree of Sum of Mean 
Variation freedom squares square F-Ratio 
Regression 3 3.510 1.170 1381.212 
Residual 96 0.081 0.001 
Total 99 3.591 
Table 53. Results of regression analysis of the data on the mixture 
of flour and Cab-O-Sil obtained with the upper unit 
Model : h II
 S
 
ro
 
O
 
o
 ro
 
o
 
ro
 
S
 
00
 
00
 
) 
Variable 
Partial regression 
coefficient (b) 
t value 
calculated to.950(96) 
V 0.202 10.759 1.661 
k 0.139 3.273 1.661 
S 0.138 3.981 1.661 
Model : h = 19.86 (vO-202 kO.256 ^ -0.198, 
V 0.202 10.759 1.661 
k 0.256 15.423 1.661 
n -0.198 -.3981 1.661 
Model : h = 0.498 (V^ -ZOZ ^ 0-235 ^ ,0.302^  
V 0.202 10.759 1.661 
li 0.235 3.273 1.661 
S 0.302 15.423 1.661 
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Table 54. Analysis of variance for glass beads data in dimensionless 
form (lower transfer unit) 
Source of 
Variation 
Degree of 
freedom 
Sum of 
squares 
Mean 
square F-ratio 
Regression 1 0.239 0.239 244.666 
Residual 23 0.023 0.001 
Total 24 0.262 
Table 55. Analysis of variance for glass beads data in dimensionless 
form (upper transfer unit) 
Source of 
Variation 
Degree of 
freedom 
Sum of 
squares 
Mean 
square F-Ratio 
Regression 1 0.168 0.168 314.297 
Residual 23 0.012 0.001 
Total 24 0.180 
Table 56. Results of regression analysis of glass beads data in 
dimensionless form 
Transfer 
unit 
Variable Partial- regression 
coefficient (b) 
• t value 
cal cal ated fo.950(23) 
Lower 
0,G. 
M 
0.54 15.642 1.714 
Upper 
D,G 
0.46 17.728 1.714 
y 
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Table 57, Analysis of variance for flour data in dimensionless 
form (lower transfer unit) 
Source of 
Variation 
Degree of Sum of 
freedom squares 
Mean 
square F-Ratio 
Regression 1 2.808 2.808 709.997 
Residual 33 0.131 0.004 
Total 34 2.939 
Table 58. Analysis of variance for flour data in dimensionless 
form (upper transfer unit) 
Source of 
Variation 
Degree of Sum of 
Freedom squares 
Mean 
square F-ratio 
Regression 1 2.353 2.353 380.114 
Residual 33 0.204 0.006 
Total 34 2.557 
Table 59. Results of regression analysis of flour data in 
dimensionless form 
Transfer 
unit 
Variable Partial regression 
coefficient (b) 
t value 
calculated 0^.950(33) 
Lower 
D,G 
u 
0.74 26.646 1.690 
Upper 
D,G 
y 
0.68 19.497 1.690 
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Table 60. Analysis of variance for starch data in dimensionless 
form (lower transfer unit) 
Source of 
Van ati on 
Degree of Sum of 
freedom squares 
Mean 
square F-ratio 
Regression 1 2.115 2.115 127.396 
Residual 27 0.448 0.017 
Total 28 0.563 
Table 61. Analysis of variance for starch data in dimensionless 
form (upper transfer unit) 
Source of 
Variation 
Degree of Sum of 
freedom squares 
Mean 
square F-ratio 
Regression 1 1.644 1.644 155.316 
Residual 27 0.286 0.011 
Total 28 1.930 
Table 62. Results of regression analysis of starch data in 
dimensionless form 
Transfer 
unit 
Variable Partial regression 
coefficient (b) 
t value 
calculated *0.950(27) 
Lower 0.79 
y 
0 6 
0.70 
y 
11.287 1.703 
Upper 12.463 1.703 
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Table 63. Analysis of variance for flour and Cab-O-Sil data in 
dimensionless form (lower transfer unit) 
Source of 
Variation 
Degree of 
freedom 
Sum of 
squares 
Mean 
square F-ratio 
Regression 1 6.849 6.849 288.612 
Residual 88 2.088 0.024 
Total 89 8.937 
Table 64. Analysis of variance for flour and Cab-O-Sil data in 
dimensionless form (upper transfer unit) 
Source of 
variation 
Degree of 
freedom 
Sum of 
squares 
Mean 
square F-ratio 
Regression 1 6.833 6.833 361.987 
Residual 88 1.661 0.019 
Total 89 8.494 
Table 65. Results of regression analysis of flour and Cab-O-Sil 
data in dimensionless form 
Transfer 
unit 
Variable Partial regression 
coefficient (b) 
t value 
calculated *0.950(88) 
Lower 
OpS 
y 
0.74 16.989 1.662 
Upper 
D,G 
y 
0.74 19.026 1.662 
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Table 66. Analysis of variance for all the data on flour, starch and 
flour and Cab-O-Sil in dimensionless form (lower unit) 
Source of 
Vari ati on 
Degree of 
freedom 
Sum of 
squares 
Mean 
square F-ratio 
Regression 2 35.313 17.656 614.073 
Residual 151 4.342 0.029 
Total 153 39.655 
Table 67. Analysis of variance for all the data on flour, starch and 
flour and Cab-O-Sil in dimensionless form (upper unit) 
Source of 
Vari ati on 
Degree of 
Freedom 
Sum of 
Squares 
Mean 
Square F-ratio 
Regression 2 29.784 14.892 563.136 
Residual 151 3.993 0.026 
Total 153 33.777 
Table 68. Results of regression analysis of all the data on 
starch, and flour and Cab-O-Sil in dimensionless 
flour, 
form 
Transfer 
unit 
Variable Partial regression 
coefficient (b) 
t value 
calculated *0.950(151) 
Lower V 
u 
0.71 19.429 1.660 
Lower <1> -4.54 -23.634 1.660 
Upper 
D,G 
y 0.68 19.338 1.660 
Upper 4) -4.05 -21.969 1.660 
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Table 69. Results of regression analysis of the data collected with 
various gas-solid systems 
Partial Degree 
Fluidized regression of t value + 
system Variable coefficient (b) freedom (n) calculated 0.975(n) 
Glass beads-
ai r® V 
Glass beads-
airb 
vN 
v^ 
260,707= 16 3.990 2.120 
170.803^  16 3.000 2.120 
-0.464 16 -1.560 2.120 
-0.003 16 -0.016 2.120 
-519.149 16 -2.739 2.120 
-202.231 16 -1.225 2.120 
0.004 16 1.495 2.120 
-0.001 16 -0.351 2.120 
0.478 16 1.079 2.120 
0.047 16 0.238 2.120 
347.968 19 9.-06 2.093 
95.554 19 2.812 2.093 
-0.056 19 -0.539 2.093 
-0.024 19 -0.371 2.093 
-706.956 19 -6.409 2.093 
-81.047 19 -0.826 2.093 
®Data collected when "Therma-Comb" disc was used as gas distributor 
plate 
D^ata collected when alundum disc was used as gas distributor plate 
L^ower transfer unit 
U^pper transfer unit 
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Table 69. (Continued) 
Fluidized 
system Variable 
Partial 
regression 
coefficient (b) 
Degree 
of t value 
freedom (n) calculated 0^.975(n) 
Glass beads-
airb 
0.001 
0.001 
19 
19 
0.219 
0.136 
2.093 
2.093 
vN 
0.133 
0.124 
19 
19 
1.136 
1.193 
2.093 
2.093 
Flour-Ng 176.159 18 2.715 2.101 
V 
259.462 18 3.849 2.101 
N 
0.068 
-0.006 
18 
18 
1.498 
-0.136 
2.101 
2.101 
»2 
109.840 18 0.485 2.101 
V 
-319.964 18 -1.358 2.101 
-0.001 
-0.001 
18 
18 
-0.239 
0.542 
2.101 
2.101 
vN 
-0.472 
-0.283 
18 
18 
-1.860 
-1.423 
2.101 
2.101 
Starch-Ng 
V 
207.784 
154.770 
20 
20 
2.765 
2.868 
2.086 
2.086 
N 
0.004 
0.043 
20 
20 
0.106 
1.401 
2.086 
2.086 
-705.778 
-383.83 
o
 
o
 
CM 
CM 
-2.852 
-2.160 
2.086 
2.086 
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Table 69. (Continued) 
Partial Degree 
Fluidized regression of 
system Variable coefficient (b) freedom 
t value 
(n) calculated 0^.975(n) 
Starch-N, 
Flour and 
Cab-O-Sil-N, 
Flour and 
Cab-O-Si1-Hr 
vN 
' 9  
vN 
-0.002 20 -1.014 2.086 
-0.001 20 -0.754 2.086 
0.201 20 0.995 2.086 
-0.151 20 -1.038 2.086 
86.850 25 1.857 2.060 
22.367 25 0.630 2.060 
-0.023 25 -0.611 2.060 
-0.008 25 -0.288 2.060 
-296.735 25 -1.890 2.060 
174.680 25 1.465 2.060 
-0.002 25 -1.209 2.060 
-0.001 25 -0.697 2.060 
-0.029 25 -0.153 2.060 
0.147 25 0.994 2.060 
-31.785 24 -0.164 2.064 
78.775 24 0.517 2.064 
-0.003 24 -0.015 2.064 
-0.121 24 -0.723 2.064 
-53.655 24 -0.203 2.064 
-0.077 24 -0.001 2.064 
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Table 69. (Continued) 
Partial Degree 
Fluidized regression of t value . 
system Variable coefficient (b) freedom (n) calculated 0.975(n) 
Flour and « 
Cab-O-Si1-Ho 
Flour and 
Cab-O-Si1-COf 
vN 
vN 
-0.002 24 -1.816 2.064 
0.001 24 0.673 2.064 
0.341 24 0.712 2.064 
0.528 24 1.407 2.064 
256.659 24 2.821 2.064 
-45.172 24 -1.160 2.064 
-0.008 24 -0.149 2.064 
-0.092 24 -0.911 2.064 
-1009.513 24 -2.364 2.064 
399.888 24 1.720 2.064 
-0.001 24 -0.137 2.064 
-0.001 24 -0.211 2.064 
0.029 24 0.086 2.064 
0.769 24 0.409 2.064 
270 
Table 70. A statistical test for determining the effect of interchanging 
heating and cooling surfaces on heat transfer coefficients 
measured with the lower unit 
h, heating h, cooling 
BTU/(hr)(ft2)(°F) BTU/(hr)(ft^ )(°F) 
49.9 52.9 
53.7 57.6 
55.4 58.7 
63.6 65.0 
66.9 65.5 
62.7 42.4 
61.9 53.0 
45.0 60.8 
53.1 63.4 
54.2 65.1 
64.0 -
60.2 -
X]=57.6 X2=58.4 
n-j=12 n2=10 
s^ =48.5 
s^Y-Y =8.9 
HQ: 
"A- ^1'^2 
where = Og 
h 'h  Test: t = ——~ = -0.298 
*0.975(20) = 2.086 
Critical region: t s -*0.975(20) <"• * > *0.975(20) 
Decision; Since t < t^  Q7c/9n\ the null hypothesis cannot be 
rejected, 
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Table 71. A statistical test for determining the effect of interchanging 
heating and cooling surfaces on heat transfer coefficients 
measured with the upper unit 
h, heating h, cooling 
BTU/(hr){ft2)(°F) BTU/(hr)(ft2)(°F) 
23.0 29.7 
29.2 34.8 
36.0 42.0 
40.7 37.7 
44.7 39.9 
22.1 41.9 
28.0 45.8 
33.0 27.3 
37.5 32.6 
40.2 38.2 
- 38.3 
- 44.8 
Xy=33.4 X2=37.7 
ny=10 n2=12 
S^=U.9 
_ =8.2 
*r*2 
«0- "1=^2 
2 2 
where = Og 
X,-Xp 
Test: t = -J—= •1.49 
%-X2 
t0 .975(20)=2 '086  
Critical region: t $ "^ o.975(20) t $ *0.975(20) 
Decision: Since t > -t« ovc/onN the null hypothesis cannot be 
rejected, 
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Table 72. A statistical test for determining the effect of static bed 
height on heat transfer coefficients measured with the lower 
unit 
h. BTU/(hr)(ft2)(°F) h. BTU/(hr)(ft^ )(°F) 
L=29.5 in. L=39.8 in. 
25.8 21.9 
35.6 33.3 
42.6 37.7 
44.7 43.2 
45.0 44.6 
25.8 25.0 
34.8 36.3 
39.6 40.4 
45.6 42.4 
45.6 44.7 
29.2 -
36.7 -
40.6 -
43.6 -
47.0 -
X^ =38.8 X2=36.9 
n^ =15 n2=10 
s^ =57.1 
s£ _ = 9.5 
*r*2 
Hq: li,=U2 
"a= "/"Î 
2 2 
where cr^  = 
Test: t=  ^ 2 = 0.607 
h 'h  
*0.975(23) 2.069 
Critical region: t ^  -tf, 975(23) or t ^  tg 9,5(23) 
Decision: Since t < tg 975(23) the null hypothesis cannot be rejected. 
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Table 73. A statistical test for determining the effect of static bed 
height on heat transfer coefficients measured with the 
upper unit 
h, BTU/(hr)(ft^ )(®F) 
L=29.5 in. 
h, BTU/(hr)(ft':)(°F) 
L=39.8 in. 
21.9 
25.6 
27.3 
28.2 
32.3 
20.7 
26.7 
28.9 
30.3 
32.8 
21.3 
25.1 
27.6 
29.9 
33.7 
20.6 
25.9 
30.1 
32.9 
35.1 
21.9 
22.6 
27.8 
32.6 
36.4 
Xy=27.5 
n^ =15 
s^ =22.8 
X2=28.6 
n2=10 
=3.8 
HQ: 
"A* ^1^^2 
X,-Xp 
Test: t= _J 
2 2 
where 
= -0.560 
*0.975(23) ° 2.069 
Critical region: t « -tg ,75(23, or t > 
Decision: Since t > -rt^  q7r/oq\ the null hypothesis cannot be 
rejected. 
